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THE COMPARATIVE ECONOMICS OF PRODUCING ALUMINA 
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L. Malm & A. V. San Jose 
Kaiser Engineers, Inc. 

In September, 1976, the Bureau of Mines awarded a contract 
to Kaiser Engineers and Kaiser Aluminum as subcontractor, part 
of which required a technical and economic comparison between 
SÍK processes for the manufacture of alumina from domestic, non-
bauxitic ores. 

The six processes studied were: 

(1) Clay/Nitric Acid 

(2) Clay/Hydrochloric Acid using evaporative 
crystallization 

(3) Clay/Hydrochloric Acid using HC1 gas 
induced crystallization 

(4) Clay/Sulfurous Acid 

(5) Anorthosite-Lime Sinter 

(6) Alunite 

This paper compares the capital and operating costs for 
the six processes, which were developed as part of that contract. 

Fuel requirements were estimated and material balances were 
constructed for each process. From these the equipment require-
ments were ascertained. Equipment prices were obtained from 
vendors. Operating costs were developed from the material 
balances and fuel requirements. 

The conclusion to be drawn from this study is that the clay/ 
hydrochloric acid process using HC1 gas induced crystallization 
has significantly lower capital and operating costs than the 
five other processes considered. 

From Light Metals 1979, Warren S. Peterson, Editor 

INTRODUCTION 

There are two incentives to the search for a domestic ore 
for the production of alumina. One is that more than 90$ of the 
bauxite used to produce alumina in the U.S. today must be impor-
ted from overseas. The second is that the cost of this bauxite 
has escalated as much as 400$ since 1974. 

In 1976 the Bureau of Mines awarded a contract to Kaiser 
Engineers and Kaiser Aluminum as subcontractor to compare six 
processes based on U.S. ores to produce alumina. The six 
processes were: 

(1) Clay/Nitric Acid 

(2) Clay/Hydrochloric Acid using evaporative 
crystallization 

(3) Clay/Hydrochloric Acid using HC1 gas 
induced crystallization 

(4) Clay/Sulfurous Acid 

(5) Anorthosite-Lime Sinter 

(6) Alunite 

This paper compares the capital and operating costs for 
the six processes at commercial scale. 

A companion paper describes and compares the technological 
aspects of the processes. 

The basic technical and process data for this study was 
taken from the literature or was provided by the Bureau of Mines 
from previous work and the recent operation of HCl/Clay and 
HN03/Clay "miniplants" at the Bureau of Mines engineering 
laboratory at Boulder City, Nevada. In addition, technical and 
economic information was drawn from the experience of Kaiser 
Aluminum & Chemical Corporation and Kaiser Engineers. 

At the outset the Bureau of Mines recognized that certain 
process information was lacking but that those gaps would be 
filled by the contractor and subcontractor or suitable assumptions 
made in consultation with the Bureau. There was enough 
difference in the costs between the pr-ocesses that a logical 
selection could be made with the information at hand. 

The comparison of capital and operating costs for the six 
processes are shown in relative terms by taking the HCl/Clay 
process with gas induced crystallization as the base case and 
showing the difference in costs between the other processes 
and the base case. 

Essential Readings in Light Metals: Alumina and Bauxite. 
Edited by Don Donaldson and Benny E. Raahauge. 
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METHODS USED TO ESTIMATE COSTS 

The cost of construction and operation of a 500,000 ton per 
year alumina plant plus mining operation was estimated for each 
of the six processes. 

Method_Used To Develop Mining Capital Costs 

Mining capital costs in Table 1 have been assembled for 
each ore based on the required annual tonnage. Overburden 
removal is required for clay and alunite, but not for anortho-
site and limestone. Similar or identical equipment has been 
used throughout and equipment costs are based on recent user 
experience. Equipment operating capacities have been obtained 
by reducing manufacturer's design ratings by an appropriate 
amount based on recent user experience. The capital estimates 
include both mobile equipment and fixed facilities such as shops, 
utilities, roads, and fuel storage. Separate mining facilities 
have been provided for anorthosite and limestone, both of which 
are used in the anorthosite process. The values shown in the 
capital cost table represent the difference in mining cost 
between each process and the base case process. 

Method Used To Develop Process Plant Capital Costs 

The general method used to develop capital costs was 
as follows: 

(1) Develop a material balance for each process. 
These balances are shown in the appendix 
together with the assumptions made. 

(2) Develop an equipment list for the process 
based on the material balance. This equipment 
list specified the size and number of the 
various pieces of equipment taking into 
account the need for spare units to handle 
equipment breakdown and cleaning. 

(3) Obtain quotes from vendors for all major 
process equipment items. 

Values for process equipment in Table 1 represent the 
difference in installed equipment cost between each process 
and the base case in dollars per annual ton. Other direct 
capital cost differences for foundations, structures, piping, 
utilities, electrical, etc., are developed from percentage 
factors based on experience in alumina and other metallurgical 
processes. Indirect capital cost differences include such 
items as salaries, burden, overhead, personnel expenses, and 
office expenses. Freight costs have been included in indirect 
costs. 

From Light Metals 1979, Warren S. Peterson, Editor 

-69-
5" 
1-3 

o 
a 

EL £ a 

(71 Г--

o ■-

» o 
T» O 

S2 

o 
0» 
•a 
!-■■ 
r i -
a i 
г -

s: 0= 
CO 
f t 
n> 

» H> 
CO 

-a 
o 
u 
IB 

t-4 
a 
еь 
H -
H. 
n> 
o 
ГТ 

ГЛ1 
p i 

i - · · a 

o 
P> 

•D 
M -
r r 
PJ 
I-* 

t-1' 
r t 
01 
t—■ 

Pi 
a 
d . 

ra 
<B 
o 
n-
<-t 
f 
o 
a 
t—í 

M 
r t 
o 

СЛ 
r t 
«1 
a 
o 
r t 
c 
H 
fO 
CO 

*r3 
r1-

4 3 
H -
а TO 

o r r 
= r 
ÍD 
l-J 

a 
H * 
i-i 
ra 
n 
r t 

c-3 
S3 

• ts 
M -
r t 
№ 
H 

T J 
l-l 
o 
o (D 
CO 

» 
M 

j a 
c 
l·-l·· " O 

s n> 
s 
r t 

•-Ó 
H 
o 
o 
fD 
t o 
to 

r d 
t—■ 

Й 
a r t 

o 
ft> 

T Í 
H * 
r t 
P I 
1—» 

з: h * . 
a (-■> 

a 
TO 

o 
CD 

T J 
H ' 
r t 
M 
1 — • 

r-t н. nd 

o 
a> 

TS 
H -
r t 
01 
>—■ 

И 
<D 

л 
c 
H * 
И 
m 
H 
ID 
a 

r-h 
H-h 
ID 
H 
Ф 
a 
i t 

H -
3 

n 
p i 

T S 
i - ^ 
r t 
P I 

~̂_ 3=-

O 
a 

r o 
oo 
4D 

* -J 
(_o 

t-O 

Cr> 
CO 

U l 

O 
t_5 

O l 
I4J 

l Л 
H-■ 

r ^ 
hO 
Ю 

i c 
O J 

a . 
И -
H i 
l -h 
ID 
H 
ГВ 
a 

n 
o 
CO 
r t 
to 

PI 

CD 

H-• 
Bs 
M 
Ш 

r j " 
f l ) 

5 

ГО l_n 
J N 3 OO 

o • * 
■ un -tr-

IO I—» 

r d 
P i 
( n 
n> 
( -1 
01 
i n 
ft> 

ГЯ 
p i 
ГЛ 
(T> 

o 
03 
CO 
(D 

ГЯ 
p i 
en 
n> 
t - i 
03 
t o 
fD 

СЯ 
p i 
CO 
(0 

o 
PI 
DO 
(D 

Ct i 
№ 
CO 
(D 

CD 
CO 
CO 
(D 

a 
"5-t— 

r t 
03 
I—1 

CO 
T3 
( t 
a 
o. 
H». 

a 
(IQ 

l -h 
O 
M 

rt> 
S3 
o 
rr 

r t 
o 
a 

fS 
a. 
c j -
03 
rn 
ID 
O -

O 
a 

T 3 
H-̂  
PI 
a 
r t 

en 
H » 
N 
ID 
O . 

r t 
o 

CO 
CO 

t o 
a 
Ц . 

r r 
Pi 
CO 
<D 

(11 
CO 
(D 

• 
-ri 
r> CO 
t — 
r t 
!-*■ 

< 

Co • -P* —I 
. o . » 
oo • -p* oo 
ЧО OO OO 

С Л Г О H ч | 

oo O f » 4 s 

N3 O J> W 
-p- C3 -F4 Ln 

1032 



ВДЖЙ ra@(M 
The process plant capital costs exclude contingencies, 

escalation, and owner's costs. 

Method Used To Develop Waste Disposal Capital Costs 

The capital cost differences shown for waste disposal in 
Table 1 represent cost differentials for facilities to impound 
solid residues remaining after alumina removal from the ores. 
In all cases except anorthosite, it was assumed that the mined 
out area created by ore removal would be used for mud disposal. 
Due to the large volume of solids with anorthosite, levee 
construction is required. Generally the capital costs are for 
pumps, piping, sumps, and electrics necessary to deliver slurry 
to the disposal area and to recycle liquor back to the plant. 

Method Used To Develop Working Capital Costs 

Working capital cost differences shown in Table 1 represent 
the differences in costs required to maintain adequate invento-
ries of materials, supplies, and product. Materials inventories 
were set at 10 days, supplies at 30 days, except oil at 10 days 
and coal at 45 days, and product at 5 days. An exception was 
the alunite byproduct, sulfate of potash, for which 45 days 
is used due to the highly seasonal nature of demand. All items 
are charged at their cost of production or purchase. 

Method Used To Develop Operating Costs 

Table 2 presents operating cost comparisons for all six 
processes considered. The comparative costs are presented as 
the difference, in cost per ton of alumina produced, between 
each process and the "base case". The HCl/Clay process using 
HC1 gas sparging to precipitate salt is used throughout as the 
base case since it has the lowest total operating cost per ton 
of product. 

The operating costs are grouped into six cost elements; a 
seventh element is listed for by-product credits. The first 
element is "Ore Cost". Unit prices for ore are based on direct 
and indirect mining costs including labor, repair and maintenance 
supplies, overhead, royalty payments, and preproduction expense. 
Not included are depreciation, taxes, insurance, and certain 
overhead functions provided by the process plant organization. 
All ore-mining costs are calculated on a directly comparable 
basis. The unit cost of clay is identical in all clay cases. 
Mine-to-plant haul distances is assumed to be five miles for all 
ores. The cost of overburden removal is significant only for 
clay. 

Each of the six processes is dependent on an acid or base 

From Light Metals 1979, Warren S. Peterson, Editor 
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to extract the alumina from the ore. The cost differential for 
these materials is reflected in the "Reagents" element. Unit 
costs have been obtained from potential suppliers, with the 
exception of limestone for the anorthosite process which is 
priced on the basis of mining it within five miles of the plant. 
Material usages have been based on the process material balance. 
Freight effects are considered only to the extent that alunite 
and anorthosite plants have been assumed to be West of the 
Rockies and all the clay process plants in the S.E. U.S. 

The third element of comparative operating cost is "Utilities' 
The differences shown indicate primarily the various energy re-
quirements for the individual processes. In all cases the 
cheapest practical fuel commensurate with the required product 
purity has been used. Therefore, coal is the fuel of choice 
except when direct contact with the product is required in the 
acid processes. In those situations requiring contact, No. 6 
fuel oil is used. Natural gas is not specified for any process 
as the availability is questionable. A single unit cost and 
grade has been used for coal and fuel oil in all cases. Fuel 
usages are based on the process energy requirements with 
comparative allowances for efficiency and heat losses. A 
process energy comparison is shown in the appendix. 

In the "Labor" element of operating cost repair and mainte-
nance (R & M) labor cost is the most variable. R & M has been 
calculated as a percentage of direct process plant capital with 
a higher rate for highly corrosive processes (HN03 & HCl) and 
a lower rate for non-corrosive processes (alunite and anorthosite) 
with sulfurous acid at an intermediate level. The operating 
labor requirements have been compared by estimating the manpower 
requirements for each section of each process. Supervision and 
administration are calculated assuming a fixed administrative 
staff size and a constant ratio of supervisors to operating 
labor and R & M labor. 

The "Supplies" element contains repair and maintenance 
materials, operating supplies such as gas and oil, small tools, 
filter cloth, etc., and processing supplies such as flocculant, 
lime, chlorine, etc. Most of the differences between processes 
in this element of cost arise from R & M materials which are 
based on capital cost and process corrosivity. 

The "Other" element represents taxes and insurance. It is 
calculated as a fixed percentage of capital for all processes. 
No differences are implied based on location. 

The alunite process produces sulfuric acid and sulfate of 
potash as by-products. Since H2S04 production is large (1,500 
ton/d) and there is minimal demand in Utah, the acid would have 
to be either shipped out or converted to another product on site. 
For this study, it is assumed H2S04 would be shipped to Houston, 
Texas and sold on a freight-equalized basis. Sulfate of potash 
also presents a marketing problem. The proposed plant would be 
the largest producer of this product in the U.S. Since demand 
for the product is seasonal and depends on the state of the 

From Light Metals 1979, Warren S. Peterson, Editor 

agricultural economy, problems of moving the entire plant output 
are to be expected. For this study, an intermediate price 
between today's prices for sulfate of potash and muriate of 
potash has been assumed. For simplicity, the full sales price 
for the potash is given to the plant as a credit with no 
deductions for selling trade allowances, G & A, and overhead 
costs, although some costs would be incurred for the functions. 

The comparative total operating cost difference represents 
a totaling of the seven elements of differential cost. These 
values represent the total additional cost of producing one ton 
of alumina for each process compared to the base case. 

DISCUSSION OF CAPITAL AND OPERATING COST COMPARISONS 

This section will discuss the major cost differences 
between the processes and the reasons behind these differences. 

Base Case: Alumina from Clay via Hydrochloric Acid 
Extraction - HCl Precipitation 

The base case has the lowest operating and capital 
costs among the six processes for several reasons. 

(1) The leach liquor evaporation load is relatively 
low due to recycling the crystallization mother 
liquor back to leaching, rather than having to 
evaporate all of the water therein. 

(2) The cost of ore and other reagents is generally 
lower than for other processes. 

(3) The crystallization step is based on HCl gas 
sparging and has minimal evaporative load. 

(4) The heat of decomposition of A1C13 . 6H20 is 
relatively low compared to the nitrate, but 
higher than A1(0H)3. 

(5) 90$ of the AlClj . 6H20 decomposition is done 
by indirect heating permitting the use of coal, 
which is cheaper than oil. 

(6) The indirectly heated calcination facilitates 
the subsequent condensation of the decomposition 
off-gases due to the absence of fuel combustion 
products, resulting in considerable cost savings. 

(7) The iron removal step is relatively simple and 
effective. This is equally true for both HCl 
processes. 
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Alumina From Clay Via Nitric Acid Process 

Comparison of Operating Costs to Base Case: Table 2 

(1) Reagent Costs 

Reagent costs for this process are $21.65 per 
ton of alumina greater than the base case. The 
reason for this difference is the relatively high 
usage of nitric acid by this process in its 
assumed form. Nitrate losses occur in the solvent 
extraction section and in waste solids washing. 
An additional nitrate loss results from decomposi-
tion of nitrate and N0X to elemental N2 at elevated 
temperatures during the decomposition of A1(N03)3. 
9H20. The cost of nitric acid is expected to 
increase in the future with the cost of ammonia, 
which is expected to increase with probable 
escalation of hydrocarbon feedstock costs. Nitrate 
losses in the thermal decomposition section possibly 
could be reduced, but an extended development 
effort would be required. 

(2) Utilities 

Utility costs are $23.03 per ton of alumina 
greater than the base case. Almost all of 
this is due to the greater fuel requirement 
for the HN03 process. 

The major components of this greater fuel 
requirement are: 

(a) The thermal decomposition of A1(N03) . 
9H20 which requires approximately 50$ 
more heat per unit of alumina than is 
required for A1C13 . 6H20. 

(b) A relatively high steam load is required 
for leach liquor evaporation and for 
regenerating the HC1 used in iron removal. 

(3) Labor, Supplies, and Other 

These three items are all higher for the nitric 
acid process relative to the base case. Mainte-
nance labor and materials, and taxes and 
insurance, which compose part of these three 
items, have been estimated as a fixed percentage 
of the capital cost, and the capital cost for this 
process is considerably higher than for the base 
case. 

From Light Metals 1979, Warren S. Peterson, Editor 

Comparison of Capital Costs to the Base Case: Table 1 

The total plant capital costs are $289.73 per annual 
short ton greater than the base case. 

Equipment costs for the salt decomposition system in 
the nitric acid process are more than double that for the 
base case. One reason is that provision must be made for 
the transfer of approximately 50$ more heat than in the 
base case. Another reason is that the nitrate system 
uses the dense fluid bed mode, with lower gas velocities, 
while the chloride decomposition system can use an 
expanded bed mode with higher gas velocities. This effect 
plus higher gas evolution from decomposition of the 
A1(N03)3 , 9H20 necessitates the use of more fluid beds 
for the nitric acid process. 

The steam plant costs are about twice those for the 
base case because of the need for a large amount of steam 
to regenerate HC1 used in iron removal and because of 
substantial process steam evaporation requirements. 

Alumina from Clay via Hydrochloric Acid Extraction - Evaporative 
Crystallization 

Comparison of Operating Costs to Base Case: Table 2 

Utilities 

The cost of utilities is $19.45 per ton greater 
than for the base case for the following reasons: 

(a) The use of 20$ acid for leaching in this 
process, as compared with the use of 26$ 
leach acid in the base case, increases 
the evaporation required to bring the 
leach liquor to saturation with respect 

(b) In this process, as defined, all of the 
mother liquor from the crystallization 
stage must be vaporized. In the base 
case the mother liquor becomes leach acid 
without vaporization and is recycled directly 
to leaching. This difference results in the 
use of considerably more steam in the HCl 
evaporative crystallization process. 

(c) The evaporative crystallization approach 
employs direct-fired thermal decomposition 
of the AlCl3 . 6H20. Oil has therefore 
been assumed to be the source for 100$ 
of the energy requirement for the thermal 
decomposition as compared with only the 
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last 10$ in the base case. The added cost of 
oil in lieu of coal for 90$ of the thermal 
decomposition energy requirement plus the 
cost of the added evaporation are responsible 
for the higher cost of utilities for this 
process in comparison with the base case. 

If the AlClj . 6H20 decomposition system were 
converted to the indirect-fired mode it would 
be possible to save about $6 per ton of alumina 
in fuel costs. Conversion, if the technology 
were available, is estimated to add approximately 
$30 million to the capital cost for this section. 
For this reason, simply changing the calcination 
mode does not appear worthwhile, and in fact 
the indirect decomposition mode becomes 
advantageous only when incorporated in the HC1 
gas induced crystallization process as defined 
in the base case. 

Comparison of Capital Costs to the Base Case: Table 1 

Capital costs for the HCl-evaporative process are 
the second lowest at $124.82 greater than the base case. 
Reasons for the differences are: 

(1) Evaporation requirements to bring the purified 
leach liquor to saturation are substantially 
higher in the evaporative crystallization process 
than in the base case with a consequent increased 
capital requirement. 

(2) The capital requirements for the crystallization 
section of the evaporative crystallization process 
is more than double that for the base case due to 
the large amount of evaporation required in this 
section and the large volume of vapor to be 
removed and condensed. In the base case there is 
no evaporation in this process section and only 
a relatively small amount of heat is rejected. 

(3) The salt decomposition section for this process 
requires only about one-third the investment 
required for the base case because of provision 
in the base case for a large amount of corrosion-
resistant heat transfer surface and a molten salt 
heating and circulating system. 

(4) Acid recovery, in contrast, requires in this process 
a capital investment approximately four times that 
for the base case. The increase is due to the 
large amount of inert combustion product gases 
mixed with the hydrochloric acid to be condensed. 
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(5) The investment required In the steam plant for the 
evaporative crystallization process is almost 
double that for the base case because of the 
greater evaporation load. 

Alumina from Clay via Sulfurous Acid Extraction 

Comparison of Operating Costs to Base Case: Table 2 

(1) Reagent Costs 

One would expect sulfurous acid to be an inexpensive 
leaching reagent. Unfortunately, sulfur in the +4 
valence state may be oxidized or reduced easily. 
Both of these processes occur, and the sulfur so 
inactivated must be replaced at substantial cost. 

The process requires makeup caustic for the Bayer 
section, and this requirement combined with makeup 
sulfur brings the total primary reagent cost to a 
figure substantially higher than for the base case. 
Usages of these reagents have been extensively 
studied in the past, and there is believed to be 
little potential for any substantial reduction. 

(2) Utilities 

Utilities costs for this process are higher than 
the base case because of the need for large 
amounts of steam in the autoclaving sections of 
the sulfurous acid process. In addition, energy 
is required for the Bayer plant section of this 
process which has no equivalent in the base case. 

(3) Labor and Other 

These costs are higher than the base case because the 
maintenance and taxes components of these costs is 
based on equipment costs which are considerably higher 
for this sulfurous acid process. 

Comparison of Capital Costs to the Base Case: Table 1 

This process has the highest capital cost of all six 
processes at $512.94 greater than the base case. The 
main reasons for this difference are: 

(1) Fifteen hours holding time under pressure are 
required to extract a reasonable amount of alumina 
from clay. This requires a very large and costly 
volume of pressurized reactors. 
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(2) The process requires both a sulfurous acid 

extraction plant and a modified Bayer plant 
to produce a suitable product which increases 
equipment requirements greatly. 

(3) A sulfurous acid preparation system is included 
in the plant cost. 

Alumina from Anorthosite via Lime Sinter Process 

Comparison of Operating Costs to Base Case: Table 2 

(1) Reagent Cost 

The anorthosite-lime sinter process converts all 
calcium in the anorthosite to a calcium silicate 
and most of the aluminum to a calcium aluminate. 
The limestone requirement for this is high, i.e., 
2 tons of limestone per ton of anorthosite, re-
sulting in a reagent cost considerably higher than 
for the base case. 

(2) utilities 

The cost of utilities for the anorthosite process 
are $43.09/ton alumina higher than the base case. 

A substantial amount of electrical power is required 
in the anorthosite-lime sinter process for the 
grinding of anorthosite ore and limestone, but the 
overwhelmingly dominant cost element is coal for 
the sintering operation. There is little prospect 
for any substantial reduction of this requirement. 

Comparison of Capital Costs with the Base Case: Table 1 

Capital costs for the anorthosite process are second 
highest in the group of processes compared. 

The mining capital cost shown for the anorthosite 
process is based on the capital requirements for 
quarrying both anorthosite and limestone. The large 
capital costs are due to the mining operations to 
produce the two materials and the large amounts of 
both that are required to produce a ton of alumina. 

The numerous process steps, the large mass of 
solids involved, and low alumina concentrations in 
leach liquor result in a high process plant capital 
cost. 
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The waste disposal capital cost for this process is 
the highest of the group because of the addition of large 
quantities of limestone to the process. This results in 
the largest solid waste residue load of all the processes. 

Alumina from Alunite/Reduction Roast - Bayer Extraction 

Comparison of Operating Costs to the Base Case: Table 2 

(1) Reagent Costs 

Reagent costs for the alunite process are very high, 
at $64.38/ton of alumina greater than the base case, 
for the following reasons. 

(a) Caustic potash for leaching unreduced sulfate 
associated with aluminum is by far the largest 
single reagent cost item in the manufacture 
of alumina from alunite via reduction roasting. 
It is possible in further development of the 
process that a way may be found to more 
effectively reduce sulfate associated with 
alumina without affecting so severely the sub-
sequent solubility of the alumina in caustic; 
but the probability of this is not considered 
high in view of the large amount of previous 
work having this goal. Alternatively, 
NH40H may be used to solubilize the unreduced 
sulfate, but in this case either a mixed (NH4)2 

S04K2S04 must be marketed or NH3 must be 
regenerated by adding lime with subsequent 
rejection of CaS04. Neither approach is 
attractive, and a major reduction in the cost 
of reagent for dealing with unreduced sulfate 
is believed unlikely. 

(b) A second major reagent cost is that of makeup 
caustic soda for the Bayer processing section. 
A small amount of caustic soda is lost with 
the product alumina. A larger amount is lost 
with the considerable amount of solid waste 
remaining after alumina extraction, but by far 
the largest amount is lost by reaction with 
reactive silica and kaolin in the ore. 

(2) By-Product Credit 

The alunite process is the only one in the group 
which produces products other than alumina. For 
every ton of alumina produced one ton of sulfuric 
acid and 0.73 tons of potassium sulfate are also 
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produced. There may be some difficulty in selling 
the large quantities of by-product produced. However, 
this study assumes that all the sulfuric acid can be 
sold in the southwestern U.S. and that the potassium 
sulfate can be sold as fertilizer. 

Comparison of Capital Costs with the Base Case: Table 1 

Capital costs for this process are third highest in 
the group. 

The processing of alunite requires capital provision 
for a large number of process steps including a sulfuric 
acid plant, a potassium sulfate plant, and a modified 
Bayer plant. These operations are relatively large scale, 
because the entering ore is low grade with respect to 
alumina. The Bayer process section is required to leach 
and then wash a much larger amount of solids per ton of 
alumina than is the case in a Bayer plant operating on 
bauxite because of the low alumina content. The low 
alumina content in the ore, a relatively low overall 
alumina extraction efficiency, and the number of steps 
required to separate the components of the ore result 
in a process plant capital cost much higher than the 
base case. 

CONCLUSION 

In order to come to a valid conclusion in a comparison 
study of this type, it is necessary to estimate the costs on 
the same basis for all the processes, and to examine the 
sensitivity of the result to possible variations in process 
parameters. 

A conscious effort was made to estimate both capital and 
operating costs on the same bases and using the same estimating 
group for all six processes. For example, the same bases were 
used for such items as equipment selection and sparing, working 
capital, work-force estimates, fuel costs, and the factors used 
for piping, instrumentation, foundations, electrical installa-
tions, and others. 

The conclusion drawn from this study was that the Clay/ 
Hydrochloric Acid process using HCl gas induced crystallization 
has the lowest capital costs and the lowest operating costs of 
the six processes studied. 

The sensitivity of the result was examined by adopting 
significantly more advantageous process design assumptions for 
the five less economic processes, to find out if, by doing so, 
one of them could possibly become the most economic process. 
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In no instance did this happen, which leads to the supporting 
conclusion that, in addition, the probability of one of the 
other processes becoming the most economic is small. 

APPENDIX 

The appendix starts on the next page. 
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Alumina from Anorthosite/Lime Sinter Process 

Material Balance 

гЧоем 
Strom 

Component 

« ,0, 

AI ,0 , *3H,0 

NBtO 

K,0 

SiO, 

0 0 

MgO 

F t ,0 , 

CO, 

Othtr 

H,0 

o, 

Ni 

Tool 

46 

1399 

307 

62 

2828 

6031 

36 

121 

4278 

197 

3106 

16264 

46 

№36 

1036 

47 

1399 

207 

62 

2828 

6031 

36 

121 

4278 

197 

2067 

17226 

46 

1483 

231 

64 

2972 

6285 

38 

128 

205 

11404 

49 

1483 

231 

64 

2972 

6285 

38 

126 

205 

11404 

50 

74 

12 

3 

149 

314 

2 

a 

10 

570 

51 

1859 

1859 

52 

10 

1056 

1066 

53 

6464 

6464 

54 

247 

37 

11 

489 

1084 

6 

21 

755 

35 

2675 

5350 

» 

188 

190 

36 

1673 

2086 

1047 
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Alumina from Alunite via Reduction Roasting — 
Modified Bayer Processing 

Material Balance 

PrtKtM 
Strum 

Component 

A l j O j 

S O , 

F e , 0 , 

A l j I S O . I , 

K,SO, 

Na .S O . 

K O H 

N a O H 

H , 0 

S O , 

SO) 

H,SO4 

o, 

H , 

CO 

CO, 

Mi 

C J O 

Coal 

Fuel O i l 

To ta l 

49 

280 

3721 

4001 

50 

75 

1000 

1075 

51 

23 

Б 

28 

52 

1896 

1B96 

53 

1 

44 

3 

14 

7 

1818 

5 

1897 

&4 

1674 

5603 

7277 

55 

655 

655 

56 

5 

27 

2 

9 

4 

399 

41 

>7B47 

8334 

57 

3 

18 

2 

8 

3 

1 

33 

58 

104 

1183 

1287 

59 

129 

129 

1049 
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PROCESS ASSUMPTIONS USED TO ESTIMATE THE HEAT AND MATERIAL 
BALANCES 

Clay/Nitric Acid Process 

(1) The heat and material balance is based on 1,000 ton/d of 
alumina. 

(2) The chemical analysis of the clay feed (dry basis) is as 
follows: 

A120 
Fe2°3 
Si02 
L. 0. I. 
Other* 

Total 

36.5% 
0.86 

46.4 

13.54 
2.7 

100.00% 

*0ther is primarily TiO. 

(3) The raw clay feed to the process contains 18.5% free 
moisture. 

(4) A rotary kiln is used for the dehydration of the clay 
feedstock. 

(5) There is a 1% dust loss (calcined basis) from the 
dehydration rotary kilns. 

(6) 50% by weight nitric acid is utilized in the process 
(makeup acid and that recycled from the acid recovery 
section). 

(7) 95% extraction efficiency of Al 0 is achieved in the 
leaching step. 

(8) 8.4% of "other" is solubilized in the leaching step. 

(9) 67% of Fe.0, is solubilized in the leaching step. 

(10) The underflow from the settling and washing units 
contains 30% solids by weight. 

(11) 1% of the soluble alumina is lost in the waste residues. 

(12) The iron content in the pregnant solution from solvent 
extraction is reduced to about 0.001 g/1. 

(13) Approximately 1.0% of the dissolved alumina is lost in 
the solvent extraction step. 

(14) 1 ton/d of organic is lost in the solvent extraction step 

(15) 17% HC1 by weight is used as the stripping acid in the 
solvent extraction section. 
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(16) Triple effect evaporators are used for the concentration 
of the main aluminum nitrate solution and the bleed 
stream of aluminum nitrate. 

(17) The A1(N0.), . 9H.0 crystals from the centrifugation of 
the slurry of crystals will contain 5% liquor by weight. 

(18) Fluid bed roasters are used to decompose A1(N0 ). . 9H-0 
for both the main and bleed streams. 

(19) There is a 0.5% dust loss (calcined basis) from the final 
calcination of alumina. 

(20) 98% decomposition of AUNG,). . 9H.0 is achieved in the 
indirect thermal decomposition step. 

(21) There is a 3% loss of nitrate as N in the indirect 
thermal decomposition step. 

(22) There is a 2% loss of nitrate as N in the direct-fired 
product calciner. 

Clay/HCl Process (Evaporative Crystallizations) 

(1) The heat and material balance is based on 1,000 ton/d of 
alumina. 

(2) The chemical analysis of the clay feed (dry basis) is as 
follows: 

A12°3 

Fe203 

Si02 

L.O.I. 

Other* 

36.5% 

0.86 

46.4 

13.54 

2.7 

Total 100.00% 

*0ther is primarily Ti0„. 

(3) The raw clay feed to the process contains 18.5% free 
moisture. 

(4) A rotary kiln is used for the calcination of the clay 
feedstock. 

(5) There is a 1% dust loss (calcined basis) from the rotary 
kilns used to calcine the raw clay. 

(6) 20% by weight hydrochloric acid is utilized as leach acid. 

(7) 15% of the heat of reaction in the leaching tanks is 
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released in the form of vapors. These vapors contain 
1% of HCl and are condensed and returned to the leach 
tanks. 

(8) 95% extraction efficiency of A1„0 is achieved in the 
leaching step. 

(9) 95% of Fe 0 is solubilized in the leaching step. 

(10) 7.2% of "other" (approximately the same as in the HNO. 
process) is solubilized in the leaching step. This 
soluble fraction mainly consists of sodium, potassium, 
calcium, and magnesium salts plus phosphate and sulfate. 

(11) Approximately 10% excess HCl is contained in the leach 
acid. 

(12) The underflow from the settling and washing units 
contains 33% solids by weight. 

(13) Filter press solids from pregnant liquor polish 
filtration contains 60% solids. 

(14) 1% of the soluble alumina is lost in the leach waste 
residues. 

(15) Chlorine is added to the pregnant liquor before solvent 
extraction based upon one third of soluble iron content 
being present as ferrous iron. 

(16) 100% of the chlorine added is converted to HCl. 

(17) A solution of 10% Alamine 336 in kerosene is used as the 
organic éxtractant for ferric iron. 

(18) The iron content in the pregnant solution from solvent 
extraction is reduced to about 0.001 grams per liter. 

(19) A volume ratio of aqueous/organic of 3/1 is present 
during extraction. 

(20) A volume ratio of organic/aqueous of 3.5/1 is present 
during stripping. 

(21) The strip acid will contain approximately .03% HCl. 

(22) The recycled organic solution to extraction will 
contain about 0.5 grams per liter Fe. 

(23) The organic loss is taken as 2.1 lb per ton A1203 or 
1 ton/d. 

(24) Use of the distribution coefficient of .004 for aluminum 
when using Alamine 336 is equivalent to a loss of 
10 ton/d of A1C1 in the solvent extraction section. 
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(25) Multiple effect evaporators (3-effect) and evaporative 
crystallizers are used for the concentration and 
crystallization of A1C1 .6H„0 intermediate product. 

(26) The slurry from the A1C1, crystallizers contains 30% 
solids by weight and a residual 13.6% A1C1, in 
solution. 

(27) The A1C1..6H.0 crystal slurry from the crystallizer is 
filtered and washed on vacuum filters yielding a cake 
containing 85% solids. 

(28) Filtrate mother liquor is recycled to the crystallizer. 

(29) The bleed stream for minor impurities purging ("other") 
is the washings filtrate from vacuum filtration. 

(30) One displacement wash of 35% HCl at an 83% washing 
efficiency is used on the product A1C1..6H 0 crystals. 

(31) The washed A1C1..6H 0 crystals are decomposed in direct 
fired rotary kilns. 

(32) There is a 1% dust loss (calcined basis) from the decom-
position and calcination of A1C1 .6H 0 crystals. 

(33) The product alumina will contain 0.01% residual Cl_. 

(34) Only combustion water has been included in the material 
balance of direct-fired heating units. 

(35) 1% of the HCl and H„0 from the product decomposition is 
lost in the subsequent acid recovery operation. 

(36) The washings filtrate bleed is stripped to remove 93% 
of free HCl and evaporated in multiple effect 
evaporators to a 45% solution of chlorides. 

(37) Sufficient liquor from the evaporator is recycled to 
maintain a 40% solution of chlorides in the HCl stripping 
step. 

(38) A stoichiometric quantity of H SO for "other" is added 
before the waste chlorides decomposition. 

(39) The stripping solution is concentrated to a 50% solution 
of chlorides in a multiple effect evaporator before 
decomposition in a direct-fired fluid bed decomposer. 

(40) Makeup HCl is added as a 35% acid wash to the A1C1 .6H 0 
vacuum filter. 

(41) A 53 F temperature rise occurs in cooling water. 
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(42) Theoretical heat requirements divided by .85 to estimate 

actual heat requirements. This method used only when no 
actual data was available. 

Clay/HCl Process (HC1 Gas Induced Crystallizations) 

(1) The heat and material balance is based on 1,000 ton/d of 
alumina. 

(2) The chemical analysis of the clay feed (dry basis) is as 
follows: 

A12°3 
Fe203 

Si02 

L.O.I. 

Other* 

Total 

36.5% 

0.86 

46.4 

13.54 

2.7 

100.00% 

*0ther is primarily TiO . 

(3) The raw clay feed to the process contains 18.5% free 
moisture. 

(4) A rotary kiln is used for the calcination of the clay 
feedstock. 

(5) There is a 1% dust loss (calcined basis) from the rotary 
kilns used to calcine the raw clay. 

(6) 15% of the heat of reaction in the leaching tanks is 
released in the form of vapors. These vapors contain 
1% HC1 and are condensed and returned to the leach tanks. 

(7) 95% extraction efficiency of Al 0 is achieved in the 
leaching step. 

(8) 95% of Fe.0, is solubilized in the leaching step. 

(9) 16.3% of "other" is solubilized in the leaching step. 
This soluble fraction mainly consists of sodium, 
potassium, calcium, and magnesium salts, plus phosphates 
and sulfates. 

(10) Approximately 5% excess HC1 is contained in the leach acid. 

(11) The underflow from the settling and washing units contains 
33% solids by weight. 

(12) Filter press solids from pregnant liquor polish filtration 
contains 60% solids. 

(13) 1% of the soluble alumina is lost in the leach waste residues 

From Light Metals 1979, Warren S. Peterson, Editor = 

(14) Chlorine is added to the pregnant liquor before solvent 
extraction based upon one third of soluble iron content 
being present as ferrous iron. 

(15) 100% of the chlorine added is converted to HC1. 

(16) A solution of 10% Alamine 336 in kerosene is used as the 
organic extractant for ferric iron. 

(17) The iron content in the pregnant solution from solvent 
extraction is reduced to about 0.001 grams per liter. 

(18) A volume ratio of aqueous/organic of 3/1 is present during 
extraction. 

(19) A volume ratio of organic/aqueous of 3.5/1 is present 
during stripping. 

(20) The strip acid will contain approximately 0.03% HC1. 

(21) The recycled organic solution to extraction will contain 
about 0.5 grams per liter Fe. 

(22) The organic loss is taken as 2.1 lb per ton A1.0 or 
1 ton per day. 

(23) Use of the distribution coefficient of .004 for aluminum 
when using Alamine 336 is equivalent to a loss of 10 tons 
per day of A1C1 in the solvent extraction section. 

(24) A multiple effect evaporator (3-effect) is used to concen-
trate the crystallizer feed solution. 

(25) The A1C1..6H 0 crystal slurry from the crystallizers is 
filtered and washed on centrifuges yielding a cake 
containing 95% solids. 

(26) Mother liquor from centrifugation is recycled to the 
crystallizer. 

(27) The bleed system for minor impurities purging ("other") 
is 5% of recycle acid stream. 

(28) 0.2 lb of 35% acid wash is used per 1 lb of A1C1..6H 0 
crystals. 

(29) The washed A1C1-.6H 0 crystals are decomposed in 
indirect fired kilns. 

(30) There is a 1% dust loss (calcined basis) from the decom-
position and calcination of A1C1..6H 0 crystals. 

(31) The product alumina will contain 0.01% residual Cl,. 
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(32) Only combustion water has been included in the material 

balance of direct-fired heating units. 

(33) 12 ton/d of HC1 is lost in the acid recovery section. 

(34) The bleed liquor is stripped to remove 93% of free HC1 
and evaporated in multiple effect evaporators to a 45% 
solution of chlorides. 

(35) Sufficient liquor from the evaporator is recycled to 
maintain a 40% solution of chlorides in the HC1 stripping 
step. 

(36) A stoichiometric quantity of H SO for "other" is added 
before the waste chlorides decomposition. 

(37) The stripping solution is concentrated to a 50% solution 
of chlorides in a multiple effect evaporator before 
decomposition in a direct-fired fluid bed decomposer. 

(38) Makeup HC1 is added as HC1 gas to the acid recovery 
section. 

(39) A 53% temperature rise occurs in cooling water. 

Clay/H SO, Process 

(1) The heat and material balance is based on 1,000 ton/d of 
alumina. 

(2) The chemical analysis of the clay feed (dry basis) is as 
follows: 

A12°3 
Fe2°3 
Si02 

L.O.I. 

Other* 

Total 

36.5% 

1.86 

46.4 

13.54 

2.7 

100.00% 

"'Other is primarily TiO . 

(3) The raw clay feed to the process contains 18.5% free 
moisture. 

(4) A rotary kiln is used for the dehydration of the clay 
feedstock. 

(5) There is a 1% dust loss (calcined basis) from the 
dehydration rotary kilns. 
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(6) 80% extraction efficiency of A1.0 is achieved in the 
S0„ leaching step. 

(7) 75% of other metal impurities is solubilized in the 
leaching step. 

(8) 81.25% of Fe 0 is solubilized in the leaching step. 

(9) 0.3% of SiO, is solubilized in the leaching step. 

(10) The waste leach mud after filtration will contain 30% 
moisture. 

(11) One-half of the liquor into the thickener following the 
first autoclaving step (precipitation of monobasic aluminum 
sulfite) will exit via overflow and one-half will exit 
with underflow solids (equivalent to approximately 20% 
solids in the underflow). 

(12) The decomposition of monobasic aluminum sulfite to alumina 
will be accomplished at a 97% efficiency ( 7 atm auto-
claving) . 

(13) The product stream from the monobasic aluminum sulfite 
decomposition is used to preheat the feed to this 
process step. 

(14) Approximately 9% of contained S0„ is lost as sulfur and 
sulfate during the monobasic aluminum sulfite decomposition. 

(15) Crude alumina product from filtration will contain 
approximately 42% free and combined water. 

(16) In the acid recovery section, sulfur is burned with air 
to produce a stoichiometric amount of SO. for makeup. 

(17) There is a 2-ton/d S0„ loss from the 3 atm absorber in the 
acid recovery system. 

(18) Waste heat is recovered from the sulfur burner. 

(19) There is a 100% absorption efficiency of acid vapors in 
the 9 atm absorber in the acid recovery system. 

(20) The purification of crude alumina product is accomplished 
by leaching with caustic in a modified Bayer plant. 

(21) Sulfur and Fe 0 compounds precipitate during caustic 
digestion and are removed with the red mud waste solids. 

(22) The filtered and washed red mud will contain 55% moisture. 

(23) No conversion of NaOH to Na.CO, is considered. 

(24) Approximately half of the alumina precipitates while the 
balance is recycled. 
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(25) Caustic concentration during digestion is approximately 

9.5% by weight as NaOH. 

(26) A 5-effect evaporator is used to concentrate the recycle 
caustic liquor stream. 

(27) The trihydrate alumina feed to calcination will contain 
approximately 11% free moisture. 

(28) A rotary kiln is used to calcine the alumina product. 

(29) There is a 1% dust loss (calcined basis) from the rotary 
kiln. 

(30) The over-all recovery of alumina in the caustic 
purification section is approximately 95%. 

Anorthosite Lime-Sinter Process 

(1) The heat and material balance is based on 1,000 ton/d of 
alumina. 

The chemical 
is as 

А 1 Л 
Na20 

к2о 
Si02 

CaO 

MgO 

Fe2°3 
co2 
Other 

Total 

follows 
analyj sis of the anorthosite feed (dry basis) 

26.0% 

4.0 

1.0 

53.0 

11.5 

0.3 

2.0 

-
2.2 

100.00% 

(3) The raw anorthosite feed to the process contains 2% free 
moisture. 

From Light Metals 1979, Warren S. Peterson, Editor 

(4) The chemical analysis of the limestone feed (dry basis) 
is as follows: 

A12°3 
Na20 

к2о 
SÍO2 

CaO 

MgO 

Fe2°3 

co2 
Other 

Total 

0.8% 

0.04 

0.12 

1.4 

54.0 

0.2 

0.2 

42.4 

0.84 

100.00% 

(5) The raw linestone feed to the process contains 5% free 
moisture. 

(6) The weight ratio of limestone/anorthosite (dry basis) in 
the feed is 2/1. 

(7) 15% of ground slurry will be +200 mesh and will be 
recycled as 50% solids from wet classification to wet 
grinding. 

(8) The -200 mesh solids underflow from the thickener will 
contain 50% solids. 

(9) The -200 mesh solids filter cake will contain 17% moisture. 

(10) The 17% moisture filter cake of limestone and anorthosite 
will be reduced to 12% in a waste heat dryer. The heat 
will be supplied by the hot sinter kiln gases. 

(11) The sinter kiln will be a rotary kiln. 

(12) There is a 1% dust loss (calcined basis) from the sinter 
kiln. No Na.O is vaporized and lost from the kiln. 

(13) Coal with a heating value of 13,000 Btu/lb is used as the 
sinter kiln fuel. It is burned using 1% excess oxygen. 

(14) 5% of the sinter out of the kiln will not "dust" and will 
be recycled as +20 mesh material to the sinter kiln. 

(15) 75% extraction efficiency of AKO is achieved in the 
leaching step. 

(16) 24% extraction of Na.O and 0% K?0 from the limestone/ 
anorthosite mix is achieved. 
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(17) No CaO, Fe.O,, other, or MgO are extracted in the 

leaching step. 

(18) Vacuum filtration is used to separate the pregnant liquor 
from the leach residue and 1.5 displacements of wash water 
are used to yield a 95% washing efficiency. 

(19) Sufficient SiO to yield 1 gram per liter SiO in the 
pregnant liquor is extracted in the leaching step. 

(20) The leach residue will contain 48% solids. 

(21) 2% soluble A1„0. is lost in the leach residue. 

(22) DSP seeded desilication will be used. 

(23) DSP will be 3Na2O.3Al203.5SiO2.5H20. 

(24) SiO from desilication will be 0.035 gram per liter. 

(25) DSP filter cake will contain 50% solids. 

(26) Recycle DSP filter cake to desilication will not be 
washed. 

(27) 100 gram per liter DSP seed will be recycled to 
desilication. 

(28) DSP bleed filter cake to the sinter kiln will be 
completely washed. 

(29) 80% CO absorption efficiency will be achieved in 
carbonation. 

(30) Scrubbed carbonation gases will be saturated with water 
at 130°F. 

(31) Alumina hydrate slurry will settle to 60% solids. 

(32) Alumina hydrate filter cake will contain 75% solids. 

(33) There is a 1% dust loss (calcined basis) from the alumina 
hydrate calcination kiln. A rotary kiln is used for this 
calcination. 

(34) Sinter kiln gas scrubbers will remove 100% of contained 
solids. 

(35) The scrubber water bleed will be at 2% solids. 

(36) A multiple-effect evaporator (3-effect) is used to 
concentrate the spent liquor solution. 

From Light Metals 1979, Warren S. Peterson, Editor = 

Alunite Process 

The heat and material balance is based on 1,000 ton/d of 
alumina. 

Ore recovery (A1„0 basis) through K,SO, leach is 97%. 

A1.0 is 90% soluble in NaOH leach. 

Al 0 recovery in caustic refining section is 97%. 

Alunite ore contains 5.2% H O of which 5% is removed in 
drying. 

During ore drying 4.5% of A1.(S0 ). in the alunite 
decomposes. 

The reduction of the Al (SO.) is performed by coal gas. 

The coal gas used in 7 above is burned in excess air to 
provide the heat and 0 for reoxidation of the sulfides 
formed in 7 above. 

The redox operation converts 92% of the residual 
A12(S04)3 to A1203. 

Coal ash (13%) from ore drying and redox remains in the 
ore and is inert. 

A 2% KOH excess is used to convert residual A1„(S0,), to 
2 4 3 

Si0„ contained in the ore dissolves to the extent of 

0.5% in the caustic digest. 

All soda in the caustic refining section is assumed to be 
caustic soda. 

Dissolved SiO is converted to 2 NaOH.Al 0 .SiO (DSP) for 
removal. 

DSP filter cake contains 33% H O . 

Residual ore (primarily SiO ) is rejected at 40% solids. 

Solids feed to caustic digest contain 15% free H O . 

Alumina/caustic (A/C, caustic as Na.CO,) is 0.4 in caustic 

digest feed liquor and 0.65 in caustic digest exit liquor. 

Caustic concentration (as Na CO,) is 220 g/1 in digestion. 
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