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11.1
Introduction

This chapter provides an overview of the mass transfer characteristics of multiphase
microreactors. Basic concepts are explained and related tomass transfer in sequented
(drop/bubble) flow, annular flow, and to multiphase flow through packed micro-
channels. In multiphase microreactors, a chemical reaction can either involve two
immiscible fluid phases (e.g. for gas–liquid reactions) or two fluid phases in the
presence of a solid catalyst or the reaction is exclusively confined to one of the fluid
phases that are present in the system.

11.1.1
Relevance

Several recent reviews have been published on multiphase microreactors [1–4]. In
large-scale equipment, the rate of mass transfer from one phase to the other is often
slow with respect to the considered reaction rate, a phenomenon that leads to
significantmass transfer limitations. Because of the excellent heat andmass transfer
characteristics associated with multiphase microreactors, such reactions are good
candidates for being conduced at the microscale [5–7]. It should be emphasized,
however, that miniaturization per se does not improve mass transfer rates. Many
macroscopic reactors are turbulent: the exchange ofmatter associated with turbulent
eddies can be very fast, depending on the turbulence intensity. In microfluidic and
microreactor systems that are characterized by viscous flows in the absence of
turbulence, such secondary flow patterns are generally lacking and diffusion in
laminar liquid flows is notoriously slow.
Molecules that participate in a chemical reaction often need to travel from a

chemically inert phase to the reacting phase. In addition, the inert phase can serve as a
sink that removes molecules from the reacting phase and it is also possible that an

�A List of Symbols can be found at the
end of this chapter.
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inert phase is not involved in the chemical reaction at all, but only serves to enhance
mixing between two miscible fluids [8, 9]. Microfluidic networks that do not contain
any phase partaking in a chemical reaction, except exclusively passive (inert) ones,
can be used to facilitate unitmass transfer operations at themicroscale. Examples are
extraction or post-reaction separation [10–16]. Microscale multiphase systems can
further be classified according to whether they contain mobile phases, typically
fluids, and/or stationary phases, typically solids that are catalytically active. In fact,
many multiphase system contain, apart from amoving fluid, only a heterogeneous
catalyst [17, 18]. The simplest case consists of a single stationary phase with a single
mobile phase. More complex cases include two immiscible fluid streams with a
chemical reaction taking place in one of them [19], such as fluorinations [20, 21] and
aminocarbonylations [22], and three-phase systems, where two fluid phases carry
molecules that participate in the chemical reaction and the third solid phase acts as
a catalyst [7, 23]. We should also stress that a number of microscale systems
purposefully take advantage of the slow mass transfer rates in the absence of any
convection. Mass transfer enhancement across a fluid interface is therefore not
always the objective. In fact, droplet trains where each droplet serves as an isolated
reactor achieve minimal cross-talk [24, 25].

11.1.2
Basics, Relevant Time Scales

In the considered cases, transport ofmatter occurs bydiffusion andby convection.The
characteristic diffusion time is given by tD¼ L2/D, indicating that molecules initially
confined to a single spot spread in space over a distance that is proportional to the
square root of time.Althoughmicrofluidic systems are small, with length scales in the
range 10�4 < L< 10�5m, diffusion times can nevertheless be significant in liquids
with diffusivities of 10�9<D< 10�12m2 s�1. The large variation in values ofD reflects
the large spread in molecule size, from fast-diffusionmolecules such as H2 to slower
diffusing largermolecules, such as proteins, DNA fragments and nanoparticles. Also,
interphase boundaries can extend over the entire length of the reactor or alternatively
span a distance smaller than the hydraulic diameter of a microchannel. The charac-
teristic time scale for convection is given by tC¼ L/U, which also varies significantly in
microreactors, because of the different velocities needed to accommodate the wide
range of reaction times needed for different chemistries. The ratio of the diffusion
time and the convection time is the dimensionless P�eclet number, Pe¼UL/D.
From a balance on a differential control volume, the species reaction–convec-

tion–diffusion equation for a first-order reacting system is given by

qC
qt

þUrC ¼ DDC�kRC ð11:1Þ
where C is the species concentration. We can write this equation for each of the
phases, where the convective termUrCvanishes if stationary phases are considered
and the reaction term kRCvanishes for inert phases. The boundaries of eachphase are
described by impermeable walls, for which there can be no gradient dC/dn in the
wall-normal direction or by an interfacial boundary, where at the interface an
equilibrium concentration C(a)¼mC(b) is reached. The dimensionless constant m
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is a thermodynamic parameter dependent on temperature and pressure. These
boundary conditions are linear in concentration, as is Equation (11.1) for a first-order
reaction. The entire dynamics of the interplay of reaction, diffusion and convection
are independent of the absolute concentration level, which is a convenient result.
To explore the relative importance of the different terms in Equation (11.1), we

rescale all variables such that the concentration and its derivatives, distances and
times are all of order one. The concentration is normalized using the highest
expected concentration in the system, typically that of the main reactant in the feed
stream.Wenormalize timeusing the convection time, i.e.q¼U/Lt, and theCartesian
coordinates using length scale L, i.e. x� ¼ x/L, etc. In a dimensionless form we write

qC
qq

þrC ¼ Pe�1DC�Da�1C ð11:2Þ

where Pe denotes the previously defined P�eclet number. The Damk€ohler number,
Da¼U/kRL, is defined as the ratio of the reaction time to the convection time. We
distinguish two steady-state cases of a reacting phase:

1. The Damk€ohler number is very large with respect to the P�eclet number. If this is the
case, then the reaction is so slow that concentration gradients even out to
equilibrium values. This is the situation that is desired when one is interested
in measuring the rate of a chemical reaction, because all the concentrations are
uniformly defined by equilibrium ratios. This condition can be rewritten into the
following well-known result in heterogeneous catalysis:

Da
Pe

¼ D

kRL2
>>1 or L

ffiffiffiffiffi
kR
D

r
< 1 ð11:3Þ

where the group L(kR/D)
1/2 is known in the field of catalysis as the Thiele

modulus. In the context of gas–liquid reactions, the same group is often referred
to as the Hatta number.

2. The Damk€ohler number is very small with respect to the P�eclet number. Now, all the
reactant will be consumed immediately and a thin concentration boundary layer
develops close to interphase boundaries that supply fresh reactants.

In the non-reacting case, we can also distinguish two very similar cases: at small
values of the P�eclet number, the concentration gradients are quickly equilibrated by
diffusion, whereas for large values of the P�eclet number, convection dominates.
The scaling analysis presented so far applies for laminar, well-behaved flows where

all the relevant characteristic times can be estimated to determine whether mass
transfer limitations occur. Full solutions for the convection–diffusion-reaction prob-
lem, however, are difficult to obtain analytically for all but the simplest flow problems.
A simple case that can be solved analytically is the so-called Graetz problem, in

whichmass transfer to the wall of a straight channel is calculated for the entry region
of a microchannel where an infinitely fast reaction occurs at the wall. This problem,
depicted in Figure 11.1, is representative for many aspects of laminar-flow mass
transfer inmicrofluidic systems and heterogeneousmicroreactor applications, so we
discuss it in some detail.
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At the inlet of the channel, the velocity profile is well developed and the concen-
tration profile is uniform, giving rise to an infinitely highmass transfer rate. Further
downstream, a boundary layer of thickness d develops that growswith the streamwise
coordinate. The rate of mass transfer to the wall, per unit area is given by Fick�s law:

J ¼ D
dC
dn

ð11:4Þ

where n is the coordinate normal to the surface of the wall. The mass transfer
coefficient k is definedas the ratio of theflux and the concentration gradient. Theorder
of magnitude of the flux is then given by J� (D/d)DC, so k�D/d. In correlations, the
mass transfer coefficient is usually reported as the dimensionless Sherwood number:

Sh ¼ kL
D

ð11:5Þ

Approximately at a distance x/d�Pe downstream, the boundary layer has extended
to the center of themicrochannel.With themass transfer coefficient k�D/dh, we can
estimateSh� 1.Exact calculations showthat thedevelopedvalue isSh¼ 3.66 for round
channels. In the entry region, the scaling Sh� (x/dhPe)

�1/3 applies – a result that was
obtained byGraetz andbyNusselt in thenineteenth century. Themathematical details
of thederivationarereported inmostmass transfer textbooks.ThemonographbyShah
andLondon [26] containsdetailedcalculations formanychannelgeometries, including
those that are regularly found in microfluidic channels, such as rectangular cross-
sections. A discussion of numerical solutions of the Graetz problem is given in [27].
For many microfluidic applications, especially in multiphase flow, the situation is

muchmore complex than the Graetz problem, but the concept of boundary layers and
associatedmasstransfercoefficients isgenerallyausefulone. Intheabsenceofflow, the
thickness of a developingboundary layer canbe estimatedbyd(t)� (Dt)1/2. Forflowing
systems, one can often follow a fluid element during contact with another phase and
estimatethemasstransferparameterask�D/d(t)¼ (D/t)1/2,where t indicates the time
during which the fluid element remains at the interface. This approach is called

Figure 11.1 The Graetz problem for forced
convection in a microchannel (diameter dh) with
developed laminar flow. The gray profiles
indicate the streamwise development of the
concentration profile. The concentration profile
near the entrance is unaffected by the fast first-
order reaction at thewall.Outside this region, the

concentration profile is still flat. The thickness of
the concentration boundary layer is indicated by
d. Further downstream, a developed region that
is characterized by a self-similar concentration
profile is obtained (the original profile is shown
as a dotted line for comparison).
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penetration theory [28]. Sometimes a boundary layer of constant thickness d0 develops
and an estimate k�D/d0 is derived by applying a film theory [29] based approach.
We now move from the differential balance equation for a given species

[Equations (11.1) and (11.2)] to an integral equation. One of the phases of a
multiphase fluid system is considered. If the phase is confined to a volume V with
an interfacial area A that is available for exchange with a second phase, a balance of
reaction and mass transfer gives

VkRC ¼ kA C�C�ð Þ ð11:6Þ
where C� corresponds to the equilibrium concentration with the other phase. The
group kA/Vor kawith a specific surface area a is obtained by dividing Equation (11.6)
by the volume and has the unit time�1. The characteristic mass transfer time is
(ka)�1. Note that many experimental methods measure the product ka, rather than k
or a separately. Inmacroscopic equipment, it is nearly impossible to separate the two,
butmany of the regularmicrofluidicflowpatterns allow the specific surface area to be
quantified from micrographs.
The SherwoodnumberSh¼ kL/D canbe regarded as the ratio of the diffusion time

in the absence of flow, L2/D, to the actual mass transfer time, 1/ka (�L/k). In the
following sections of this chapter, we discuss various fluid–fluid microreactor
configurations and discuss how mass transfer rates in themmay be predicted using
penetration theory and film theory. In the following paragraph, we briefly discuss
experimental methods to determine mass transfer rates.
Mass transfer rates can be measured using a variety of methods. One can

distinguish reactivemethods and non-reactivemethods.With non-reactivemethods,
two phases that are far from equilibrium are exposed to one another. The change in
concentration typically behaves as an exponential decay and the rate of change can be
related to the group ka. The mass transfer rate that is obtained by non-reactive
methods is the lower limit for a given hydrodynamic situation. When a reaction
occurs in the system, mass transfer is enhanced. One can regard mass transfer and
reaction as resistances in series. With increasing reaction rates, mass transfer
becomes the limiting resistance. Reactive mass transfer experiments are used to
determine this upper limit. Reaction rates increase sharply with temperature,
whereas mass transfer is nearly independent of temperature. A practical way to find
the upper limit is therefore to increase the temperature until the reactor performance
becomes independent of temperature. The reaction rate that is observed at that point
corresponds to the maximum mass transfer rate. Or, in different words, the
maximum mass transfer rate is obtained at the temperature where the apparent
activation energy drops to zero (practically, the limit is EA,obs < 8 kJmol�1).

11.2
Stable Fluid Interfaces: Annular Flows and Falling Films

In many multiphase microreactor applications, stable fluid interfaces have been
particularly important for performing gas–liquid reactions in the annular flow
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regime. We assume the liquid to be perfectly wetting and to form a stable film of
thickness dF at all microchannel walls. The gas phase fills the core of the channel. An
example is direct fluorination that has been realized in microreactors under annular
and segmented flow conditions [30–32]. Annular flow microreactors have been
fabricated in different materials, including silicon, nickel and stainless steel. One
of thefirst configurations that provided vertical downflowof the gas and liquid phases
is the so-called �falling film reactor� [33].
At given gas and liquid superficial velocities jG and jL that are defined by the

volumetric flow rate of the respective phase divided by the cross-sectional area of the
microchannel, de Mas et al. [30] solved the force balance for the two co-flowing fluid
phases. A capillary with a diameter equal to the hydraulic diameter of the micro-
reactor was considered (Figure 11.2). The annular flow was assumed to be axisym-
metric, laminar and fully developed. Using a constant pressure gradient in the gas
and liquid phases along the streamwise direction, the flow satisfies the equations

� dP
dx

þrGgþmG
1
r
d
dr

r
dUx;G

dr

� �
¼ 0 ðgasÞ ð11:7Þ

Figure 11.2 Film distribution for annular flow
through a microchannel that is represented by a
cylindrical capillary of diameter dh with circular
cross-section. (a) deMas et al. [30] calculated the
film thickness and velocity distributions.
Schematic cross-sectional configuration with the
gas flow through the center and a uniformly
distributed film wetting the walls. Two parallel
microchannels was represented by capillaries of
hydraulic diameter 224mm for flows of 5

cm3min�1 for nitrogen (G) and 22.5mLmin�1

for acetonitrile (L) per tube. (b) The velocity
distribution obtained in the gas core and liquid
film is shown as a function of the radial distance.
The location of the gas–liquid interface is
indicated as a dashed line. (c) Specific surface
area a in annular (film) flow and segmented flow
and opportunities for increased surface areas in
wavy annular flows and flows through
microstructured packings.
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� dP
dx

þrLgþmL
1
r
d
dr

r
dUx;L

dr

� �
¼ 0 ðliquidÞ ð11:8Þ

with the boundary conditions

Ux;L Rð Þ ¼ 0

dUx;G

dr
0ð Þ ¼ 0

9>=
>; ðwallÞ

Ux;l dFð Þ ¼ Ux;g dFð Þ
mLl

dUx;L

dr
dFð Þ ¼ mG

dUx;G

dr
dFð Þ

9=
; ðinterfaceÞ

ð11:9Þ

where P, m, g,Ux, dF andR are the pressure, fluid viscosity, gravitational acceleration,
axial velocity, radial position of the gas–liquid interface and radius of the capillary,
respectively. The subscripts G and L indicate gas and liquid phases, respectively. A
simple analytical solution exists [34] and expressions for the gas and liquid volumetric
flow rates were obtained by integrating the velocities over the appropriate cross-
sectional area. For a flow rate of 5 cm3min�1 of nitrogen and 22.5mLmin�1 of
acetonitrile flowing horizontally and evenly distributed through a representative
tube, deMas et al. [30] estimated the liquidfilm to be 14mmthickwith a pressure drop
of 860 Pa for a 2-cm-long channel. The calculated gas and liquid velocity profiles are
shown in Figure 11.2.
Note that the assumption of a circular cross-section is a simplification for most

microfabricated reactors since rectangular or triangular cross-sections generally
prevail in microfluidic channel networks that are patterned by using lithography
and bulk silicon/glass/metal machining techniques. In contrast to a circumferen-
tially homogeneous film thickness dF that we assumed previously, microchannel
corners are filled with liquid menisci.
In many cases, annular flows correspond to conditions of very high superficial gas

velocities, often on the order of 1m s�1, and relatively low superficial liquid velocities.
The interfacial area A between the gas and the liquid phase is equal to p(dh� 2dF).
Hence the specific surface area for annular flows is a ¼ 4d�1

h 1�2dFd�1
h

� �
(Figure 11.2c). At sufficiently high superficial velocities, the fluid interface becomes
wavy, a flow regime that is sometimes referred to as �wavy-annular� flow. The effect
increases the interfacial area and likely enhancesmass transfer within the liquidfilm.
Another strategy for increasing the specific surface area that we will come back to in
Section 11.4 is to fill the microreaction channel with packings of either stationary
microparticles or microfabricated posts.

11.3
Droplet/Bubble Segmented Flows

A second important flow pattern for conducting chemical reactions is segmented
flow. In such flows, segments of a disperse phase extend over almost the entire
microchannel cross section�dh. Dispersed fluid segments can be either droplets or
bubbles. Althoughwe focus on bubbles in this section,most of the analysis is directly
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applicable also to liquid–liquid systems. Between neighboring bubbles, the continu-
ous phase forms liquid segments or slugs. We assume that the continuous phase
perfectly wets the microchannel wall. The flow pattern is shown schematically in
Figure 11.3. For a study of the mass transfer behavior, we briefly discuss the main
characteristics of fluid flow in the continuous phase. Inside a slug, the liquid forms a
�caterpillar� circulatingmotion (in a reference framemoving along with the bubble).
The wetting liquid forms a thin lubricating layer between the disperse segments and
thewall, which is indicated in dark gray in Figure 11.3. This lubricating layer remains
at the wall when the recirculating region passes by. Liquid in this layer does not mix
with the liquid in the recirculating region. As a result, mass transfer between the two
regions occurs by diffusion only.
We identify several relevant length scales in the system: the thickness of the

lubricating layer dF, the length of the discrete segment or bubble LB� LF and the
length of the slugLS.We abbreviate the length of a unit cell containing one bubble and
one slug as LUC. These lengths all depend onmechanisms related to the formation of
the segmented flow [35, 36] and lubrication theory [37] and will be treated as known
quantities here.
A complete understanding of all themass transfer steps requires us to consider (1)

kGLaGL, the mass transfer from a bubble to the continuous liquid, (2) kGWaGW, the
mass transfer from a gas bubble directly to the solid wall, and (3) kLWaLW, the mass
transfer from the continuous liquid in the recirculating region to the solid wall. How
all of thesemass transfer steps interact depends strongly on the boundary conditions
at the wall. If no reaction occurs on the wall, then the lubricating film acts as a
capacitor for transfer from the bubble to the slug by dissolving molecules from the
bubble and releasing them by diffusion into the recirculating region. Transfer
through the lubricating layer can add significantly to the direct transfer from the
bubble to the slug at the bubble caps. On the other hand, when dissolved gases are
consumed by a fast reaction at the wall, the concentration at the wall approaches zero

Figure 11.3 Different mass transfer
mechanisms in gas–liquid segmented flow
(Taylor flow): (1) from the bubble to the
recirculation region in a liquid segment (slug),
(2) between a bubble and the microchannel wall

and (3) from the recirculating liquid region to the
microchannel wall. Note that the third step may
consist of a convective–diffusive contribution
within the recirculation region and a pure
diffusive contribution in the film region.
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and the lubricating film will never be saturated. In this case, bubble-to-slug transfer
occurs exclusively at the caps.
Because themechanism of mass transfer changes so significantly when a reaction

takes place, it is dangerous tomeasure gas-to-liquidmass transfer and liquid-to-solid
mass transfer independently and then combine them for gas-to-liquid-to-solid
(ka)GLW as resistances in series according to

kað ÞGLW ¼ kGWaGW þ 1
kGLaGL

þ 1
kLWaLW

� ��1

ð11:10Þ

The use of resistances in series in Equation (11.10) is valid only when kGLaGL refers
to transfer at the caps only.

11.3.1
Fluid–Fluid Mass Transfer Without Reaction at the Wall

In this section, we analyze the case of zero reaction at the wall in detail. The time
needed to saturate the lubricating layer by diffusion is of the order tF� dF2/D.We can
compare this timewith the time it takes a bubble or a liquid slug to pass over this layer,
tB� LB/U and tS� LS/U, respectively. If the passing time for the bubbles is much
greater than the film saturation time, tB> tF, then the lubricating film is saturated
with dissolved gases each time a bubble passes by. Similarly, when tS> tF, the
lubricating film will equilibrate completely with the concentration of dissolved gas
in the recirculating region.
Seminal work on segmentedflowmass transfer was conducted byHigbie [38], who

used experiments at tB < tF to prove the now well-established but then new penetra-
tion theory, i.e. that kL� (D/tB)

1/2. More recently, Irandoust et al. [39] modeled gas
absorption in segmented (Taylor) flow. They assumed a penetration theory for the
film between the bubble and the wall and found agreement with experiment with
limited adjustable curve-fitting parameters.
Bercic and Pintar [40] measured gas–liquid mass transfer in a single channel for a

wide range of superficial gas and liquid velocities (Figure 11.4). Their experimental
set-up allowed the independent variation of bubble and slug length, butmost of their
experiments were performed under conditions where tB> tF. They correlated their
data for a methane-water system as

kLa ¼ 0:111U1:19

L0:57S

ð11:11Þ

Interestingly, the mass transfer from Equation (11.11) is a function of the slug
length and hardly a function of the bubble length. The explanation is that the
lubricating film near the wall is completely saturated each time the bubble passes by,
such that increasing the bubble length does not improvemass transfer. It is then safe
to conclude that Equation (11.11) describes (1) the partial depletion of the film
between the wall and the slug as the slug passes by and (2) the transfer of gas to the
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slug at the bubble caps. The specific interfacial area associated with transfer from the
caps is independent of channel diameter. Bercic and Pintar varied the channel
diameter between 1.5 and 3.1mm and found no impact of channel diameter, which
suggests that transfer from the caps is important.
Van Baten and Krishna [41] performed a computational fluid dynamics (CFD)

study of gas absorption in Taylor flow and found that in some of the experiments of
Bercic and Pintar the contact time in the film was indeed long enough to saturate the
liquid film fully. For shorter unit cells (or higher velocities), they formulated a mass
transfer model of penetration theory for both the caps and the film

kLað Þcaps ¼
8

ffiffiffi
2

p

pLUC

ffiffiffiffiffiffiffiffi
DU
dh

r
ð11:12Þ

kL;F ¼
2

ffiffiffiffiffiffiffi
D
ptF

r
ln 1=Fð Þ
1�F

Fo < 0:1ð Þ

3:41
D
dF

Fo > 1ð Þ

8>><
>>: ð11:13Þ

aF ¼ 4LF
dLUC

ð11:14Þ

in which the Fourier number Fo and the parameter F are defined by

Fo ¼ DtF
d2F

; and estimate tF � LF
U ð11:15Þ

F ¼ 0:7857expð�5:212FoÞþ 0:1001expð�39:21FoÞþ . . . ð11:16Þ

Figure 11.4 Influence of the velocity and unit cell length, i.e. the
sum of bubble and slug length, on measured kLa coefficients at
fixed gas hold-up. From [40].
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Note that for short contact times, the mass transfer group is a function of the
channel diameter. In the majority of the simulations performed by van Baten and
Krishna, the slugs were significantly longer than the bubbles, so depletion of the film
in the slug region is likely. For gas absorption without reaction (at the wall or in the
liquid), the alternating exposure of the lubricating film to bubbles and slugs
periodically fills and empties this film and the relative length of the bubbles and
slugs determines which has the most impact. This explains why different
engineering correlations are found, some based on slug length, but others based
on bubble length: the experimental range of bubble and slug lengths determines
which correlation best fits the data and extrapolation of such correlations beyond the
experimental bubble and slug contact times must be treated with caution.

11.3.2
Continuous Phase to Wall Mass Transfer

Nowconsider the transfer of a liquid phase component to a catalyst on thewall, where
the component is reacted very rapidly. The best approach would be to consider two
different mass transfer steps, one from the circulating region to the film, in series
with a second film resistance inside the film. The first step can be considered by
eliminating the film from consideration in a numerical study, while experimentally
the film resistance can be eliminated by working under conditions where the
lubricating layer has a negligible thickness. The principal features of the first mass
transfer step can then be studied by ignoring the thin film and simplifying the
gas–liquid interface to flat ends.
Duda and Vrentas [42] used this approach and found an infinite-series analytical

solution for the closed-streamline axisymmetric flow in this cylinder. In a second
paper [43], the corresponding developing heat transfer problem was solved using a
formal Fourier series technique. The method allowed the calculation of time-
dependent Nusselt numbers up to LS/dh¼ 2.5 for P�eclet numbers of up to 400.
Extension to higher L/dhwas prohibited as the eigenvalues of the solution became too
close together as the aspect ratio was increased.
Analogous to thesingle-phaseGraetzproblem, theGraetznumberGz¼ x/dhPe can

be introduced (note that different definitions of the Graetz number are used in the
literature). Kreutzer calculated the liquid–solid mass transfer in this simplified
geometry with a finite-element method [44], arriving at different values to those
reportedin [43].Kreutzerreportedanexpressionfor the length-averagedmasstransfer
from the recirculating region to the wall, without a lubricating film in between:

Sh ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
a2 þ b

Gz

r
ð11:17Þ

with a and b being weak functions of the slug length LS:

a ¼ 40 1þ 0:28
LS
dh

� ��4=3
" #

ð11:18Þ
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b ¼ 90þ 104
LS
dh

� ��4=3

ð11:19Þ

Equation (11.17) is defined per unit slug volume and should be multiplied by the
liquid holdup to obtain a mass transfer coefficient based on microchannel volume.
Also, this equation is only valid for the region in which the circulating region has
circulated at least once. Before a full circulation, the effect of circulation has hardly
manifested itself and the Sherwood numbers for very short tubes are complex non-
monotonic functions of slug length and tube length.
Closer inspection of Equation (11.17) shows that even for long slugs, the asymp-

totic value for Gz ! ¥ is 40, which may be compared with 3.66 for the analogous
single-phase case. Therefore, we can increase the liquid–solid mass transfer per unit
liquid volume by a factor of 10 by adding gas bubbles to the system. Gruber and
Melin [45] performed a numerical study of liquid–solid mass transfer in Taylor flow
and studied mass transfer experimentally by dissolving a copper capillary in sulfuric
acid–potassium dichromate solution. They considered the entire unit cell in their
analysis and found that the film resistance could be ignored if dF/dh < 0.01. In a
numerical study, van Baten and Krishna [46] used dF/dh¼ 0.0016 for simulations
comprising a complete unit cell, including the bubble. Their results could be
correlated as

Sh ¼ 0:5
eG
Gz

� �0:15
Gz�a ð11:20Þ

where eG is the gas volume fraction and a� 0.48 is a weak function of the slug
length LS.
Limited experimental data for liquid–solid mass transfer are available. Oliver and

Hoon [47] measured heat transfer in two-phase flow in capillaries using very viscous
liquids and hence with thick lubricating layers. The best data set is by Horvath
et al. [48], who measured the hydrolysis of N-benzoylarginine ethyl ester in a 1.2m
long tube coated with the immobilized enzyme trypsin. The intrinsic rate of this
reaction was high enough that mass transfer from the liquid was limiting. The
experimental data are reported as Sh versus LS/dh with the Reynolds number Re as a
parameter and Sh versus Re with the aspect ratio LS/dh as a parameter.
In Figure 11.5, the experimental data are compared with the results of

Kreutzer [44]. The agreement of the cylindrical cavity calculations is very good for
lowReynolds numbers,Urdh/m. At higher Reynolds numbers, the impact of the film
resistance increases and numerical predictions deviate from the experimental results
for longer slugs.

11.3.3
Disperse Phase to Wall Mass Transfer

Nowweconsider thecaseofmasstransfer fromthebubbletoacatalyst that isdeposited
at the wall of the microreactor channel, at which a dissolved gas is converted rapidly.
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For the liquid in the recirculating region, the transfer of gas that is dissolved at the
caps is, at the steady state, equal to the transfer of dissolved gas to thewall. Figure 11.6
shows a typical flow simulation for a heterogeneously catalyzed hydrogenation
reaction. For these conditions, the largest resistance to mass transfer in the slug is
located in the thin-film regionand themajority of the circulationzone is characterized
by a region of constant concentration. Also, the slug is almost saturated andCS�C�.
The rate of transfer to the wall may be estimated from film theory as k¼D/dF for a

givenfilmthicknessdF.Weassumeherethatd is thesamewithintheslug, i.e. theliquid
layer close to the wall is not partaking in the recirculation and the bubble, and obtain

kBW ¼ D
dBW

� D
dSW

¼ kSW ð11:21Þ

Figure 11.5 Sherwood number plotted against the slug aspect
ratio. Experimental data from [48], lines based on
Equation (11.17). Note that the applicability of Equation (11.17) is
based on a negligible resistance in the lubricating film, which is
satisfied here only for low Re.

Figure 11.6 Mass transfer in segmented gas–liquid flow.
Concentration contours for 20 equally spaced intervals between 0
and C� are shown in the top half and streamlines are shown in the
bottom half for a simulation with D¼ 1.4� 10�8m2 s�1,
U¼ 0.4m s�1, d¼ 1.0mm, LS þ LB¼ 4dh and liquid volume
fraction e¼ 0.5 [44].
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For the bubble region, the mass transfer rate can be estimated from film theory:

JGW ¼ kA C��0ð Þ ¼ D
dF

4LB
dh

C��0ð Þ ð11:22Þ

In the slug region, the same approach can be used, with the concentration in the
circulating zone the following mass transfer rats is obtained:

JLW ¼ kA CS�0ð Þ ¼ D
dF

4LB
dh

CS�0ð Þ ð11:23Þ

The problem of formulating a mass transfer model can now be reduced to the
problem of formulating a model that predicts the average slug concentration. Using
penetration theory for the caps, it can be shown that

LS
dF

ffiffiffiffiffiffiffiffiffiffiffi
Dp
8Udh

r
¼ C��CS

CS
ð11:24Þ

An important finding that is consistently reported in the literature is explained by
CFD simulations: the impact of holdup is limited. If a liquid slug is completely
saturated with the gas-phase component and if the film thickness can be assumed to
be the same for the slug and the bubble, mass transfer is indeed completely
independent of the holdup.
Figure 11.7 shows another important aspect of mass transfer to the wall in

microreactor or monolith applications: the external mass transfer improves with
decreasing velocity. This implies that the mass transfer increases with a decrease in
pressure drop. This behavior is related to the fact that d decreases whenU decreases
and is very different from intuitively expected behavior. Thenotion that enhancement

Figure 11.7 Observed pseudo-first-order reaction rate constant
for hydrogenation in amonolith pilot reactor. The reactionwas not
completely mass transfer limited, but external mass transfer
limitation did strongly affect the observed rate: for these
experiments, kobs;H2 � kGLW=2. Note that the reaction rate
decreases with decreasing throughput [44].

316j 11 Fluid–Fluid and Fluid–Solid Mass Transfer



of mass transfer comes at the cost of an increase in pressure drop is almost an axiom
in reactor engineering. It should be realized that such analogies are based on the
dominance of eddy transport in turbulent flows and the behavior of the segmented
flow in microchannels is by no means in contradiction with such analogies. The
excellent mass transfer at minimal power input is one of the most useful features of
multiphase microchannel, allowing an escape from the all too common trade-off of
pressure drop and mass transfer.

11.4
Complex Geometries – Packed Beds and Foams

So far, we have considered catalytic materials that conform to the side walls of a
microreactor. A downside to a functionalized coating at a channel wall is the limited
catalytic surface area that can be provided. As an alternative, thin-film technology can
be used for depositing catalytic materials on more complex three-dimensional
surfaces inside microchannels [49]. Impregnation methods can also be used on
porous silicon surfaces [50]. Themass transfer rates described for such structures are
sufficient for all but the fastest heterogeneous reactions.
Mass transfer behavior can be improved significantly by microfabricating a high

surface area secondary structure inside themicrochannels.Designs featuring rowsof
high-aspect ratio pillars that were fabricated by deep reactive ion etching were
reported for chromatographic applications [51, 52]. Such micropillar chromato-
graphs have very limited band dispersion and good mixing properties – the plate
heights are of the order of the spacing of the pillars. Alternatively, afine powder of the
heterogeneous catalysts can be introduced into the channel [7, 53]. Such packed beds
have amuch less regular packing, leading to flow irregularities. The advantage of this
approach is that the microreactor can be periodically refilled with new catalysts and
that any catalyst can be used, milled and sieved to the appropriate size.
Precise experimentalmeasurements ofmass transfer rates in such systems are still

rare. Losey et al [50]microfabricated a packed-bed structure (Figure 11.8) inwhich they
estimated the mass transfer rate by performing the fast cyclohexene hydrogenation

Figure 11.8 Micropillars of porous material that can be impregnated with catalyst. From [50].
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reaction. They reported mass transfer rates ka in excess of 5–15 s�1. However,
activation energies were not reported and it is possible that mass transfer rates were
even higher. For a packed bed with particle size dp, a crude estimate is obtained using
k�D/dp and a� 1/dp. For a hydrogenation (D� 10�9m2 s�1) in a packed bed with
10�5m particles, this predicts that ka is of the order 10 s�1. The linear velocity in such
reactors is of the order of 1mms�1. Using penetration theory for a contact time
t¼ dp/U then predicts ka of 102 s�1. In comparison, for conventional macroscopic
packed beds the maximum mass transfer rates are below 10�2 s�1. In other words,
micropacked beds can have three orders of magnitude higher productivity on a
volumetric (or catalystweight) basis. It should benoted that very fewcatalysts are active
enough to push micropacked beds into the fully mass transfer limited regime.
Wada et al. [54] used a micropillar system with 50mm pillars for a gas–liquid

reaction that was mass-transfer limited, and estimated ka using ozonolysis reactions
at 2.5 s�1, which was five times higher than the transfer rate in a similar reactor
without posts. In such a configuration, the posts break up the gas–liquid flow in the
channel and increase the area for interphase mass transfer.

List of Symbols

A Surface area available for mass transfer (m2)
a Specific surface area¼A/V (m�1)
C Molar concentration (mol L�1)
C� Equilibrium concentration (mol L�1)
dh Hydraulic diameter (m)
dp Particle diameter (m)
D Diffusivity (m2 s�1)
EA Activation energy (Jmol�1)
g Gravitational acceleration (m s�2)
jG Superficial velocity of gas phase (m2 s�1)
jL Superficial velocity of liquid phase (m2 s�1)
J Mass transfer rate
kGL Mass transfer coefficient, gas–liquid (m s�1)
kGW Mass transfer coefficient, gas–solid (m s�1)
kGLW Mass transfer coefficient, gas–liquid–solid overall (m s�1)
kR Rate of first-order chemical reaction (s�1)
L Length scale (m)
LB Bubble length in flow direction¼ LF (m)
LS Slug length in flow direction (m)
LUC Length of a unit cell¼ LB þ LS (m)
m Dimensionless constant
n Coordinate in wall-normal direction (m)
P Pressure (Pa)
r Coordinate in radial direction (m)
R Tube radius (m)
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t Time scale (s)
tF Time needed to saturate film by diffusion (s)
tB Time needed for bubble to advance by LB in streamwise direction (s)
tC Convection time scale¼ L/U (s)
U Velocity (m s�1)
V Volume (m3)
x Cartesian (streamwise) coordinate (m)
y Cartesian coordinate (m)
z Cartesian coordinate (m)
d Thickness of concentration boundary layer (m)
dF Liquid film thickness (m)
d0 Constant mass transfer boundary layer thickness obtained from film

theory (m)
m Absolute viscosity (Pa s)
r Fluid density (kgm�3)
Q Dimensionless convection time

Dimensionless Groups

Da Damk€ohler number (UkR
�1L�1)

Fo Fourier number (DtFdF�2)
Gz Graetz number (xd�1Pe�1)
Pe P�eclet number (ULD�1)
Sh Sherwood number (kLD�1)
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