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15.1
Introduction

Heterogeneous reaction systems can be subdivided into three classes based on the
number of phases involved:

. fluid–solid (generally one mobile phase)

. fluid–fluid (generally two mobile phases)

. three-phase reactions (generally two mobile and one fixed phase).

A few examples of such reactions are listed in Table 15.1. The fluid–solid reactions
are carried out in various types of reactors, such as packed beds, fluidized/slurry and
catalytic wall reactors. Packed bed reactors are relatively simple, easy to operate and
more suitable for reactions which require relatively large amounts of catalyst, since
they provide a high volumetric catalyst fraction of 60–65%.Heat supply/removal and
fluid maldistribution are two main drawbacks commonly encountered with such
reactors.
The avoidance of hot spot formation during exothermic reactions represents a

particular challenge when designing fixed-bed reactors, since it can affect both
performance and safety. The importance of considering heat and mass transfer
during reactor design is dictated by the chemical reaction kinetics, with fast reactions
being more sensitive to physical limitations. Fluidized beds provide an almost
isothermal environment for rapid reactions, but only in a narrow operating window.
Moreover, such reactors impose special demands on the catalyst and are difficult to
scale up. The suspension and retention of the fine solid catalyst make slurry reactors
susceptible to similar hydrodynamic constraints. Simply diluting the catalyst in the
vicinity of the hot spot is a reliable countermeasure against excessive temperature
excursions, but it diminishes space–time yields and fails to exploit the full catalytic
potential available. Several original approaches have been adopted to overcome this
problem [3].

�A List of Symbols can be found at the end of this chapter.
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Table 15.1 Examples of the conventional multiphase reactions and reactors.

Type of reaction Reactors Examples

1. Fluid–solid Fixed-bed Synthesis of SO3 and NO on transition
metal oxide or noble metal catalysts

Fluidized bed Cracking of hydrocarbons on zeolites
Slurry Ethylene oligomerization on sulfated

nickel/alumina catalyst

2. Fluid–fluid: Stirred tank Chlorination and ozonation
2.1. Gas–liquid Bubble column Chlorohydrin process for propylene

oxide synthesis
Spray column Fertilizer manufacture by acid

absorption of dilute NH3

Multistage contactor Soda manufacture
Packed column Removal of acid gases from synthesis

and natural gas
2.2. Liquid–liquid Mixer-settler Nitration

Centrifugal extractor Dithiocarbonate synthesis
Column Oximation
Tubular contactor Fat and ester hydrolysis

3. Three phase: Packed bed Catalytic hydrodesulphurization
3.1. Gas–liquid–solid Fluidized bed Fischer–Tropsch process

Slurry Catalytic hydrogenations
3.2. Gas–liquid–liquid Stirred tank Biphasic hydroformylation

Bubble column Anthraquinone process for
H2O2 synthesis

In fluid–fluid (gas–liquid and liquid–liquid) systems, a solute usually diffuses from
one fluid phase into the other, in which the reaction then takes place. The product
may pass back into the first non-reactive phase. In liquid–liquid and some gas–liquid
systems, the reaction may actually occur in both phases (e.g. oximation of cyclohexa-
none [4]). As with heat transfer, rapid reaction kinetics trend to exacerbate mass
transfer limitations, especially when only small specific interfacial areas are available.
In contrast to the specific surface area for heat transfer, fluid–fluid interfacial areas
are dependent on physical properties and operating conditions.
Conventionally, fluid–fluid reactions are carried out in agitated vessels, centrifugal

devices, columns (in spray, packed, plate and vibrating varieties) and straight or coiled
tubes. The contacting methods involved are bubbling, film formation or dispersive
spraying of one fluid into the other.
Three phase reactions comprise gas–liquid–solid and gas–liquid–liquid reactions.

Gas–liquid reactions using solid catalysts represent a very important class of
reactions. They may be carried out in either slurry (such as bubble column, stirred
tank and gas–liquid fluidized configurations) or fixed-bed reactors (trickle bed with
co-current-downflow or co-current-upflow, segmented bed and counter-current
gas–liquid arrangements).
For gas–liquid–liquid reactions, equipment similar to that used for liquid–liquid

extraction is employed. The hydrodynamics in these reactors are extremely
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complex due to the three phases and their convoluted interactions. An example is
the �grazing� behavior of small solid particles enhancing mass transfer at gas–
liquid interfaces. The scale-up from laboratory to the production scale thus poses
numerous problems with respect to the reactant�s mixing, temperature control
(heat removal), catalyst selectivity and deactivation [5]. The performance of such
processes can be predicted analytically to only a limited extent for reactors with
well-defined flow patterns.

15.2
General Criteria for Reactor Choice and Design

Various parameters must be considered when selecting a reactor for multiphase
reactions, such as the number of phases involved, the differences in the physical
properties of the participating phases, the post-reaction separation, the inherent
reaction nature (stoichiometry of reactants, intrinsic reaction rate, isothermal/
adiabatic conditions, etc.), the residence time required and themass and heat transfer
characteristics of the reactor. For a given reaction system, the first four aspects are
usually controlled to only a limited extent, if at all, while the remainder serve as design
variables to optimize reactor performance. High rates of heat and mass transfer
improve effective rates and selectivities and the eliminationof transport resistances, in
particular for the rapid catalytic reactions, enables the reaction to achieve its
�chemical� potential in the optimal temperature and concentrationwindow. Transport
processes can be ameliorated by greater heat exchange or interfacial surface areas and
short diffusion paths. These are easily attained in microstructured reactors.
The characteristic time of chemical reactions, tr, which is defined by intrinsic

reaction kinetics, can vary from hours (for slow organic or biological reactions) to
milliseconds for high-temperature (partial) oxidation reactions (Figure 15.1). When
the reaction is carried out in a reactor, heat and mass transfer interfere with the
reaction kinetics.

Figure 15.1 Time scale of chemical and physical processes.
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The characteristic time of physical processes (heat/mass transfer) in conventional
reactors ranges from10 to 10�3 s. Thismeans that relatively slow reactions (tr� 10 s)
are carried out in the kinetic regime and the global performance of the reactor is
controlled by the intrinsic reaction kinetics. The chemical reactor is designed and
dimensioned to achieve the required product yield and conversion of the raw
material. The attainable reactant conversion in the kinetic regime depends on the
ratio of the residence time in the reactor, t, to the characteristic reaction time, tr. This
ratio is known as the first Damk€ohler number, DaI:

DaI ¼ t
tr

ð15:1Þ

Depending on the kinetics and the type of the reactor, the residence time should be
several times higher than the characteristic reaction time to obtain conversions
>90% [6, 7].
For fast chemical reactions, the characteristic reaction time is of the same order of

magnitude as the characteristic time of the physical processes (Figure 15.1). The
performance of a conventional reactor is influenced in this case by mass and/or heat
transfer. For very fast reactions, the global transformation rate may be completely
limited by transfer phenomena. As a result, the reactor performance is diminished
compared with the maximum performance attainable in the kinetic regime and the
product yield is very often reduced.
To eliminate mass transfer resistances in practice, the characteristic transfer time

should be roughly one order of magnitude smaller than the characteristic reaction
time.As themass andheat transferperformance inamicrostructured reactor (MSR) is
up to twoorders ofmagnitudehigher than in conventional tubular reactors, the reactor
performance can be considerably increased, leading to the desired intensification of
the process. In addition, consecutive reactions can be efficiently suppressed due to
strict control of the residence time and a narrow residence time distribution (RTD).
Therefore, fast reactionscarriedout inaMSRshowhigherproduct selectivity andyield.
Although microstructured reactors possess many advantages over conventional

equipment, the following case-specific drawbacks should be envisaged in conven-
tional processing options:

. severe transport limitations (heat or mass transfer)

. low yields and high wastage due to multistep reactions

. high dilutions with inerts or solvents for safety

. poor control of reaction parameters

. failure to meet market quality demand.

15.3
Fluid–Solid Reactors

Fluid–solid systems cover a major class of chemical reactions and encompass both
liquid–solid and gas–solid systems. In either case, the fluid phase is a single
homogeneous fluid. The solid phase acts as a catalyst and its arrangement in the
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main reactions zone is an important and complex task. Two types of fluid–solidMSR
have been described in the literature for different applications: the fixed-bed reactor
and the catalytic wall reactor. Fixed-bed MSRs accommodate a large amount of
catalyst as particles of size�10–250mmdepending on the reactor diameter, offering a
large geometric specific surface area for chemical reactions. The randomly micro-
packed-bed reactor is mainly used for catalyst screening. The advantage of packed-
bedMSRs stems from the fact that the developed catalyst used in traditional reactors
can be applied. However, high pressure drops and fluid maldistribution due to
irregular catalyst packing limit the performance of such reactors, especially at very
low channel diameters.
The catalytic wall reactor with channel diameters in the range 50–1000mm and a

length dependent on the reaction time required circumvents these shortcomings.
However, in most cases, the catalytic surface area provided by the wall alone is
insufficient for the chemical transformation and therefore the specific surface area
has to be increased by chemical treatment of channel walls or by coating them with
highly porous support layers. This can be done by using a variety of techniques such
as sol–gel, electrophoretic and chemical or physical vapor deposition [8, 9].
The three fundamental operational parameters described below characterize the

MSR: pressure drop, residence time distribution and mass transfer rates.

15.3.1
Pressure Drop

The pressure drop during the passage of a fluid through a reactor is an important
parameter related to the optimization of the energy consumption. Pressure drop
will be considered assuming non-compressible fluids and taking the standard
assumption of continuummechanics. Gas properties at temperatures up to�600 K
and at a minimum pressure of 0.1MPa will be used. Fluid velocities less than
10m s�1 will be considered in channels with hydraulic diameters less than 1mm.
Under these conditions, the fluid flow is laminar and compressibility effects can be
neglected [10].
To avoid flowmaldistribution in the bed, the particle diameter should not be larger

than one-tenth of the tube diameter (dp� dt/10) and the channel length should be
higher than 50 particle diameters (Lbed > 50dt). This may lead to a relatively high
pressure drop in the MSR, which can be estimated with the modified Ergun
equation [11]:

Dp ¼ 160
1�eð Þ2
e3

mu
dp
2 þ 3:1

1�eð Þ
e3

ru2

dp

m 1�eð Þ
rudp

� �0:1
Lbed ð15:2Þ

Therefore,microstructuredmultichannel reactorswith catalytically activewalls are
by far the most often used devices for heterogeneous catalytic reactions. Advantages
are low pressure drop, high external and internal mass transfer performance and a
quasi-isothermal operation. In most cases the reactors are based on micro heat
exchangers as shown in Figure 15.2. Typical channel diameters are in the range of
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50–500mm with a length between 20 and 100mm. About 200–2000 channels are
assembled in one unit.
The pressure drop through open channels with laminar flow is given by the

Hagen–Poiseuille equation [11]):

Dp ¼ 32z
mu
dt

2 Lt ð15:3Þ

where z is a geometric factor, which is 1 for a circular tube, and depends on the height
(H) to width (W) ratio for a rectangular channel. The correction factor becomes 0.89
for quadratic channels and assumes the asymptotic value 1.5 when the ratio goes to
zero. An empirical correlation is given by the following expression [8]:

z ¼ 0:8735þ 0:6265 exp �3:636
H
W

� �
ð15:4Þ

15.3.2
Residence Time Distribution

The residence time distribution (RTD) is a probability distribution function used to
characterize the time of contact and contacting pattern (such as for plug-flow or
complete backmixing) within the reactors. Excessive retention of some elements
and shortcircuiting of others due to backmixing and other dispersive phenomena
lead to a broad distribution in the residence times of individual molecules in the
reactor. This tends to decrease conversion and exerts a negative influence on product
selectivity/yield. The RTD depends on the flow regime and is characterized by
Reynolds (Re) and Schmidt (Sc) numbers.
An idealized continuous flow MSR can be described by plug flow behavior,

meaning that all molecules at the reactor outlet exhibit an identical residence time.
Non-idealities in tubular reactors can be characterized using the axial dispersion

Figure 15.2 (a) Photograph and (b) schematic representation of a
microstructured heat exchanger/reactor (Forschungszentrum
Karlsruhe [1]). Channel length L¼ 14mm, width W¼ 100mm,
height H¼ 78mm.
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model,which assumes that theRTDmaybe considered as the result of ideal plugflow
with superimposed longitudinal dispersion due tomicroconvectiveflows, but treated
as diffusive mass transfer. For a constant effective dispersion coefficient Dax (analo-
gous to the molecular diffusion coefficient, Dm, but much greater), the mass flux
given by Fick�s law is

J ¼ �Dax
qc
qz

ð15:5Þ

Considering themassflux entering and leaving an infinitesimally small element in
a tubular reactor and integrating with the open boundary conditions, the response to
a tracer pulse at the reactor inlet can be predicted at the reactor outlet from the
following equation [6]):

C qð Þ ¼ 1
2

ffiffiffiffiffiffi
Bo
pq

r
exp

� 1�qð Þ2Bo
4q

" #
ð15:6Þ

where

C ¼ c
c0
; c0 ¼

ninj
VR

; q ¼ t
t
; t ¼ Lt

u
; Bo ¼ uL

Dax

The extremes of the reactor hydrodynamics can be characterized by theBodenstein
numbers:

Bo ¼ Lt
2=Dax t ¼ tDax=t! 0 complete backmixing

Bo ¼ Lt
2=Daxt ¼ tDax=t!1 no dispersion ð15:7Þ

where tDax is the characteristic axial dispersion time. In practice, a plug-flow behavior
is considered at Bo� 100).
Axial dispersion is also given by means of the Peclet number, which uses the

tube diameter or particle diameter in a fixed bed as characteristic length. It is
defined as

Pe ¼ udt
Dax

¼ Bo
dt
Lt

ð15:8Þ

Hence the axial dispersion is quantified by fitting the above equations to experi-
mental tracer concentration–time profile. Some of the experimental techniques
applied to characterize an MSR are listed in Table 15.2. The following points should
be borne in mind in connection with the RTD for an MSR:

. For ease of interpretation, it is important that the input tracer signal should be an
ideal Dirac delta function. This is difficult to achieve manually, especially when
distortion by peripheral equipment is taken into consideration.

. MSRs are particularly sensitive to flow distortion as a result of tracer injection.

. In most conventional equipment, the value of Re is far higher than in anMSR and
the operational regime is thus either transitional or turbulent.
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. Care should be taken that neither the tracer input junction (usually T-type) nor the
bends in the MSR give rise to any dead volume

. Due to the large surface-to-volume ratio and no-slip boundary conditions, itmay be
that a large amount of tracer is retained at the reactorwall if the tracer has an affinity
towards the solid material. In such cases, adhesion should be suppressed using a
surfactant in the liquid.

Mears [16] proposed a criterion based on the conversion obtained for an irrevers-
ible reactionwhich deviates�5% from the conversion under ideal plug-flowbehavior
to estimate the corresponding Bodenstein number:

Bo >
20n

ln 1�Xð Þ ð15:9Þ

where n is the reaction order.
Flow in microchannels with diameters between 10 and 500mm is mostly laminar

andhas a parabolic velocity profile. Therefore, themolecular diffusion in the axial and
radial directions plays an important role in the RTD. The diffusion in the radial
direction tends to diminish the spreading effect of the parabolic velocity profile,
whereas in the axial direction the molecular diffusion increases the dispersion.
Taylor [17] andAris [18] established the following relation to predict the effective axial
dispersion coefficient:

Dax ¼ Dm þc
u2d2t
Dm

ð15:10Þ

with c¼ 1/192 for circular tubes.

Table 15.2 Various techniques used for RTD in MSRs.

Tracer Characterization method Type of MSR Reference

Feed: nitrogen
Tracer: argon
or helium

Mass spectrometry Stacked plate reactor Rouge [12]

Feed: water
Tracer: dye
(Malachite
Green oxalate)

Optical (transmittance
sensor)

PTFE tube G€unther et al. [13]

Feed: ethanol
Tracer: fluorescent –
Rhodamine B

Fluorescence microscopy
measurements

Rectangular
microchannel

Trachsel et al. [14]

Feed: water
Tracer: Basic
Blue 3

Spectroscopic
measurements

Micromixer Boskovic and
Loebbecke [15]
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The Bodenstein number in microchannels can be determined with

1
Bo

¼ Dm

Lt2
Lt
u
þ 1

192
d2t
Dm

u
Lt

¼ Dm

Lt2
Lt
u
þ 1

192
4R2

t

Dm

u
Lt
;

1
Bo

¼ t
tD;ax

þ 1
48

tD;rad
t

ð15:11Þ

where

tD;ax ¼ L2t
Dm

; tD;rad ¼ Rt
2

Dm

The first term in Equation (15.11) corresponds to the ratio between space time and
the characteristic axial diffusion time. The molecular diffusion coefficient lies in the
order of 10�5m2 s�1 for gases and 10�9m2 s�1 for liquids. Typical lengths of anMSR
are several centimeters and the space time is in the range of seconds. Therefore, the
axial dispersion in microchannels is mainly determined by the second term in
Equation (15.11) and the Bodenstein number can be estimated with the equation

Bo ffi 48
t

tD;rad
ffi 50t

Dm

Rt
2 ð15:12Þ

It follows that axial dispersion can be neglected (Bo� 100), if the space time is at
least twice the radial diffusion time, tD,rad. Accordingly, axial dispersion of gases in
microchannels can be neglected if their diameters are less than 1000mm and the
space time is longer than 0.1 s. This has also been proved experimentally [19, 20].
Due to the small volume of a single channel, many channels have to be used in

parallel to obtain sufficient reactor performance as shown in Figure 15.2. A uniform
distribution of the reaction mixture over thousands of microchannels is necessary.
Flow maldistribution will enlarge the RTD in the multitubular reactor and lead to a
reduced reactor performance along with reduced product yield and selectivi-
ty [10, 19, 21]. Therefore, several authors have reported designs of flow distribution
manifolds [10, 21, 22].
In addition to maldistribution, small deviations in the channel diameter intro-

duced during the manufacturing process cause an enlargement of the RTD. The
deviations may also be due to a non-uniform coating of the channel walls with
catalyst layers. If the number of parallel channels is large (N > 30), a normal
distribution of the channel diameters with a standard deviation s can be assumed.
The relative standard deviation, s2

d ¼ sd=�dt influences the pressure drop over the
microreactor [23]:

Dp ¼ 128mQ totL

pNd�t
4�
1þ 6ŝd

2 � ð15:13Þ

Equation (15.13) shows that a variation of the channel diameter changes the
pressure drop at a constant overall volumetric flow. As the pressure drop for each
channel is identical, the variation of the diameter results in a variation of the
individual flow rates, Ri and the residence time, ti¼Vi/Q i.
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Supposing there is plug flow in each channel (Boi ! 1), the overall dispersion is
inversely proportional to the relative standard deviation and can be estimated using
the following equation [24]:

Boreactor ffi dt
2

2sd
2

ð15:14Þ

In consequence, the plug-flow behavior in a multichannel microreactor (Boreactor
� 100) can only be assumed if the relative standard deviation is sd/dt� 0.07.

15.3.3
Mass Transfer and Chemical Reaction

In fluid–solid systems, the reaction takes place on the catalyst surface. Prior to this,
the reactant molecules have first to reach the catalyst surface and, therefore, the rate
of mass transfer is an important operational parameter (Figure 15.3). Two types of
mass transfer need to be considered in fluid–solid reactions: external and internal
mass transfer. In particular, internal mass transfer limitations should be avoided,
since they more often limit the performance of the reactor and more strongly
influence the product selectivity. The internal mass transfer is characterized by an
effectiveness factor, h, defined as the ratio of the observed reaction rate to that at
constant concentration throughout the catalyst layer. To ensure an effectiveness
factor of h� 0.95 in an isothermal catalyst layer, the following criterion must be
fulfilled [16]:

dcat;max � b

ffiffiffiffiffiffiffiffiffiffiffiffi
Deff cs
reff

r
ð15:15Þ

where Deff and reff are the effective diffusion coefficient and the observed reaction
rate, respectively. The coefficient b depends on the formal reaction order and has a
value of 0.8, 0.3 and 0.18 for zero-, first- and second- order reactions, respectively.
In the case of strongly exothermic and endothermic reactions, the reactions may

give rise to a temperature profile within the catalytic layer, which is dependent on
reaction enthalpy (DHR), activation energy (E ) and the thermal conductivity of the
porous catalytic material (leff). For quasi-isothermal behavior, the observed rate, reff,

Figure 15.3 Mass transfer and heterogeneous catalytic reaction in wall reactors.
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should not differ from the rate that would be observed at constant temperature by
more than 5% and therefore the resulting criterion for effectively isothermal catalytic
wall behavior is given by

dcat;max � 0:3

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
R
E

leffT s
2

jDHRjreff

s
ð15:16Þ

where Ts is the temperature of the catalyst surface and R is the gas constant.
In general, the thickness of the catalytic layer is kept sufficiently small to avoid the

influence of internalmass transfer on the kinetics. In this way, only the transfer of the
reactants from the bulk to the catalytic wall must be considered and the reaction rate
per unit outer surface area of the catalytic layer. For an irreversiblefirst-order reaction,
the rate is given by

rs ¼ ksc1;s ð15:17Þ
Themolar flux from the fluid phase to the surface of the layer is proportional to the

concentration gradient between the bulk and the surface:

J1 ¼ kGðc1;b�c1;sÞ ð15:18Þ
Under stationary conditions, the molar flux from the fluid phase reaching the

catalytic surface and the rate of transformation per surface unit must be identical:
J1¼ rs. It follows that for a first-order reaction

ksc1;s ¼ kGðc1;b�c1;sÞ ð15:19Þ
Solving Equation (15.19) for the concentration of A1 at the catalyst surface gives

c1;s ¼ kG
kG þ ks

c1;b ¼ 1
1þDaII

c1;b ð15:20Þ

and for the observed (effective) reaction rate

rs;eff ¼ ks
kG

kG þ ks
c1;b ¼ ks

1
1þDaII

c1;b ð15:21Þ

The effective reaction rate is determined by the ratio of the characteristic mass
transfer time, tD, and the characteristic reaction time, tr, the second Damk€ohler
number:

DaII ¼ tD
tr

¼ ks
kG

ð15:22Þ

Low values ofDaII (tD	 tr) correspond to a situation where the effect of the mass
transfer can be neglected. The observed reaction rate is close to the intrinsic rate:

rs;eff ¼ ks
1

1þDaII
c1;b ffi ksc1;b ¼ rs ð15:23Þ

At high values of DaII, the rate of the transformation is completely limited by
mass transfer from the fluid phase to the surface, the surface concentration being
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nearly zero (c1,sffi 0):

rs;eff ¼ ks
1

1þDaII
c1;b ffi kGc1;b ¼ J1 ð15:24Þ

The existence of a significant difference between the concentration in the bulk of
the fluid phase and the surface of the catalytic layer leads to lower reaction rates
for positive reaction orders. This can be expressed by the external effectiveness
factor hex:

hex ¼
rsðc1;sÞ
rsðc1;bÞ ¼

rs;eff
rsðc1;bÞ ð15:25Þ

For an intrinsic first-order reaction, Equation (15.25) becomes

hex ¼
1

1þDaII
ð15:26Þ

Due to the small channel diameters inMSRs, laminar flow can be considered. The
radial velocity profile in a single channel develops from the entrance to the position
where a complete Poiseuille profile is established. The length of the entrance zone
depends on the Reynolds number and can be estimated from the following empirical
relation [25, 26]:

Le � 0:06 Re dt ð15:27Þ
Within the entrance zone, the mass transfer coefficient diminishes, reaching a
constant value. The dependency can be described with Equation (15.28) in terms of
the Sherwood number, Sh¼ kGdt/Dm [27, 28]:

Sh ¼ B 1þ 0:095
dt
L
ReSc

� �0:45

ð15:28Þ

where the constant B corresponds to the asymptotic Sherwood number for constant
concentration at the wall, which is identical with the asymptotic Nusselt numberNu,
characterizing the heat transfer in laminar flow at constant wall temperature. The
constant B depends on the geometry of the channel as summarized in Table 15.3.

Table 15.3 Mass transfer characteristics for different channel geometries [27].

Geometry B

Circular 3.66
Ellipse (width/height¼ 2) 3.74
Parallel plates 7.54
Rectangle (width/height¼ 4) 4.44
Rectangle (width/height¼ 2) 3.39
Square 2.98
Equilateral triangle 2.47
Sinusoidal 2.47
Hexagonal 3.66
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If the entrance zone in the tube can be neglected, themass transfer is constant and
given by B. It follows for a circular-shaped reactor:

Sh1 ¼ 3:66; for L � 0:05ReScdt ðconstant wall concentrationÞ ð15:29Þ
If themass transfer is accompanied by a chemical reaction at the catalyst surface on

the reactor wall, the mass transfer depends on the reaction kinetics [29]. For a zero-
order reaction the rate is independent of the concentration and the mass flow from
the bulk to thewall is constant, whereas the reactant concentration at the catalytic wall
varies along the reactor length. For this situation the asymptotic Sherwoodnumber in
circular tube reactors becomes Sh01 ¼ 4:36 [29]. The same value is obtained when
reaction rates are low compared with the rate of mass transfer. If the reaction rate is
high (very fast reactions), the concentration at the reactor wall can be approximated to
zero within the whole reactor and the final value for Sh is Sh1¼ 3.66. As a
consequence, the Sherwood number in the reaction system depends on the ratio
of the reaction rate to the rate of mass transfer characterized by the second
Damk€ohler number defined in Equation (15.22).
Villermaux [29] proposed a simple relation to estimate the asymptotic Sherwood

number as function of DaII:

1

Sh
00
1

¼ 1

Sh01
þ DaII

DaIIþ 1:979
1

Sh1
� 1

Sh01

� �
ð15:30Þ

Hence themass transfer coefficient inmulti tubular MSR depends on, in addition
to the molecular diffusion coefficient, the channel diameter dt and the second
Damk€ohler number DaII:

kG ¼ Sh
00
1Dm

dt
ð15:31Þ

The specific performance of theMSR undermass transfer limitations depends on
the mass transfer coefficient and the specific surface area of the channel, a:

a ¼ 4
dt
circle; a ¼ 2ðW þHÞ

WH
rectangle ð15:32Þ

The product kGa is called volumetric mass transfer coefficient, which determines
themaximumreactor performance for very fast catalytic reactions. Its value increases
with 1=dt

2 for circular and with 1=dh
2 for rectangular channels. This is shown for

different channel geometries in Figure 15.4.

15.4
Fluid–Fluid Reactors

15.4.1
Gas–Liquid Systems

Gas–liquid contactors exist in a number of configurations. Mass transfer can take
place from the gas phase to the liquid phase as well as in the reverse direction.
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Chemical reactions may occur in the gas and/or in the liquid phase, respectively. In
gas–liquidMSRs, differentmixing patterns such as plugflow,well-mixed or plugflow
with axial dispersion are observed. Above all, plug flow (referred to as slug, Taylor or
bubble train flow) is one of the most stable flow regimes observed in microchannels
and provides a high specific interfacial area for mass transfer. Industrially important
examples of gas–liquid mass transfer followed by chemical reactions in the liquid
phase include gas purification, oxidation, chlorination, hydrogenation and hydro-
formylation processes.
Especially relatively fast reactions benefit from the excellent mass transfer char-

acteristics of the MSR. Additionally, exothermic reactions also benefit due to the
superior removal of heat produced during the reaction. The examples of different
gas–liquid reactionswhichhave already been studied inMSRs are listed inTable 15.4.
Mass transfer with simultaneous chemical reaction is characterized using the

reaction–diffusion modulus known as the Hatta number, defined as the ratio of the
reaction in thefilm to themass transfer rate through it. Thus, for afirst-order reaction
the Hatta number is given by

Ha ¼
ffiffiffiffiffiffiffiffiffiffiffi
krDm

p
kL

ð15:33Þ

If Ha is >3, then the reactions are considered fast and proceed mainly within the
liquid film near the gas–liquid interface, whereas ifHa is <0.3, the reactions are slow
and occur mainly in the bulk liquid.
In gas–liquid MSRs, the characteristic dimensions of the liquid phase differ from

those of the bulk phase in conventional reactors. Frequently, the mass transfer
models used for MSR assume a finite depth of the liquid phase. In this context, two
additional dimensionless parameters are introduced: the degree of saturation and the

Figure 15.4 Volumetric mass transfer coefficient as a function of
the hydraulic diameter in microstructured channels
(Dm¼ 10�5m2 s�1).
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degree of utilization of the bulk liquid. The degree of saturation of the bulk liquid is
the ratio of the liquid phase concentration of a solute to that at saturation. For an
increasing reaction rate or a decreasing mass transfer rate, the degree of saturation
will be low, approaching zero, and for a decreasing reaction rate or an increasingmass
transfer rate, the degree of saturation will approach unity.
The degree of utilization of the liquid phase is the ratio of the actual transformation

rate of a solute to that which would occur if the entire bulk phase was in equilibrium
with the gas phase. For an increasing reaction rate or a decreasingmass transfer rate,
the degree of utilization will diminish and finally approach zero.
The film model according to the Hinterland concept assumes a stagnant film

independent of the liquid bulk [38]. The penetration model [39] assumes that
elements of liquid film are mixed up with the liquid bulk after a certain superficial
exposure time. Therefore, all the species present inside the liquidfilm are considered
to be part of the liquid phase. This results in a larger overall liquid phase concentra-
tion. For processes controlled by intrinsic reaction kinetics (Ha < 0.3), the two
approaches yield similar results, because most species are present in the bulk liquid
and the excess of species present in the liquid film can be neglected. For processes
controlled completely or partly by the rate of the mass transfer (Ha> 0.3), the two
models give different results, because the excess of species present in the liquid film
can no longer be neglected when compared with the total amount of species present
in the liquid phase (see Chapter 11).

Table 15.4 Examples of gas–liquid reactions carried out in MSRs.

Reaction Reactor Reference

Direct fluorination of toluene
and nitrotoluene

Falling film and
bubble column MSR

J€ahnisch et al. [30]

Selective fluorination of 4-nitrotoluene,
1,3-dicarbonyl and heterocyclic compounds

Single-channel MSR
operating
in annular flow regime

Chambers et al. [31]

Chlorination of acetic acid Falling film MSR Wehle et al. [32]
Photochlorination of toluene-2,
4-diisocyanate (TDI)

Falling film MSR Ehrich et al. [33]

Nitration of naphthalene using N2O5 Interdigital mixers
and MSR with the
split–recombine technique

Antes et al. [34]

Oxidation of alcohols and
Baeyer–Villiger oxidation
of ketones using elemental fluorine

Single-channel MSR
operating in annular
flow regime

Chambers et al. [35]

Sulfonation of toluene with gaseous
sulfur trioxide

Falling film MSR M€uller et al. [36]

Asymmetric hydrogenation of (Z)-methyl
acetamidocinnamate with rhodium chiral
diphosphine complexes

Mesh MSR Abdallah et al. [37]
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15.4.1.1 Pressure Drop
The two fundamental flow patterns formed in gas–liquidMSR are the Taylor (slug or
bubble) flow and the parallel (segregated) flow (Figure 15.5). Two models have been
proposed [40]: (1) the homogeneousmodel, withmean flow velocity similar to single-
phase flow, and (2) the separated flow model, with an artificially separated gas and
liquid flow.
One of themost commonly usedmodels to characterize the pressure drop inMSR

is that proposed by Lockhart andMartinelli [41] for gas–liquid horizontal flow in pipes,
which is used for all regimes. It employs two friction multipliers for gas and liquid,
FG

2 and FL
2, as given by the following equation:

Dpf
Dz

� �
2p

¼ FG
2 Dpf

Dz

� �
G
or

Dpf
Dz

� �
2p

¼ FL
2 Dpf

Dz

� �
L

ð15:34Þ

These equations are correlated in terms of a dimensionless number called the
Lockhart–Martinelli parameter (y), which is the ratio of the single-phase pressure
drop of liquid to that of the gas and is given by

y ¼
Dpf
Dz

	 

L

Dpf
Dz

	 

G

ð15:35Þ

The relationship between FL
2 and y can be obtained from the widely-used

Chisholm�s equation [42]:

FL
2 ¼ 1þ C

y
þ 1

y2
ð15:36Þ

where C is a constant, ranging from 5 to 20 depending on the flow pattern of gas
and liquid in the channel. In the case of MSR, the Reynolds number for both
the liquid and gas phases are less than 1000 and the constant C is considered to
be 5 [42].
However, from experimental measurements, Yue et al. [43] reported for the

CO2–water system that the friction multiplier cannot be predicted reliably with a

Figure 15.5 Taylor and annular flow in vertical capillary. Adapted from Liu et al. [45].
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single value of C. It was found to become greater with increasing mass flux and,
therefore, a new correlation was proposed with a standard deviation of 9.2%:

C ¼ 0:185y�0:0942Re0:711 ð15:37Þ

This equation shows that the Lockhart–Martinelli method is still applicable for
representing the two-phase frictional pressure drop in the microchannel if the
appropriate C value is employed. Even so, it is not recommended to extrapolate the
Lockhart–Martinelli correlations down to very small channels due to the absence of
surface tension forces considered in the model. Besides, the model does not
account for the two-phase flow patterns. Chen et al. [44] collected 11 sets of
literature data for two-phase pressure drops in small diameter tubes and found
that neither the Lockhart–Martinelli correlations nor the homogeneous models
accurately follows the experimental data. Therefore, they modified the homo-
geneous model including a Bond [body (gravitational) forces/surface tension
forces] and a Weber number (inertial force/surface tension force) together with
other related dimensionless groups suggesting a general model for practical
applications.
Liu et al. [45] developed a flow regime-dependent relationship for estimating the

total pressure drop in two-phase vertical capillary flows. They considered a single-
phase vertical tubewith liquid flowing in the laminar regime. The total pressure drop
(Dptot) is composed of two contributions: (1) the pressure drop due to frictional effects
of the liquid flow (Dpf) and (2) the hydrostatic pressure of the liquid:

Dptot ¼ Dpf þrLgLt ð15:38Þ
For laminar flow, the frictional pressure drop is given by the Hagen–Poiseuille

equation

Dpf ¼
32mLuLLt

dt
2 ð15:39Þ

Combining both equations, the total pressure drop is given by

Dptot ¼
32mLLt
dt

2 uL þ dt
2

32mL

� �
rLg

� �
ð15:40Þ

By comparingEquations (15.39) and (15.40), a gravity equivalent liquid velocity (ue)
in the capillary can be introduced that would result in a pressure loss equal to the
hydrostatic pressure exerted by the liquid phase. Assuming laminar flow, the gravity
equivalent liquid velocity becomes

ue ¼ dt
2

32mL

� �
eLrLg ð15:41Þ

The two-phasemixture velocity uE is defined as the sumof the superficial velocities
of the two phases and the gravity equivalent velocity (ue):

uE ¼ uG þ uL þ ue ð15:42Þ
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A dimensionless two-phase pressure factor fE can be defined, analogous to the
Fanning friction factor [46]:

f E ¼ Dptot=Lt
1=2rLuE2 4=dtð Þ ð15:43Þ

In a situation where both the gas- and liquid-phase flows are laminar, the pressure
factor can be expected to be, similarly to the Fanning friction factor

f E ¼ C
ReE

ð15:44Þ

with

ReE ¼ rLuEdt
mL

The constantCdepends on the channel geometry and has values of 16 and 14.2 for
circular and square channels, respectively.
For uG/(uG þ uL)< 0.5, homogeneous flow of the two-phase mixture can be

assumed and the pressure factor can be estimated with Equation (15.44). At
uG/(uG þ uL)> 0.5, a heterogeneous flow regime develops and a slip (s) between
the two phases occurs, which can be calculated by

s ¼ uG=eG
uL= 1�eGð Þ ð15:45Þ

Topredict the pressure drop for the heterogeneousflow regime as inTaylorflow, an
empirical correlation for the friction factor was obtained from experimental data:

fE ¼ C
ReE

s�0:5 exp �0:02ReEð Þþ 0:07 Re0:34E

� � ð15:46Þ

Figure 15.6 Pressure drop in upward gas–liquid flow in a square
capillary. Air–water system, dt¼ 2mm.
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for the velocity range 0.008 < (uG þ uL)< 1ms�1). Figure 15.6 depicts the pressure
drop for three liquid velocities in a square microchannel (upward air-water flow,
0.01< uG< 0.1). Taylorflows occurs at such lowflow rates and the Lockhart-Martinelli
as well as the homogeneous model fails to predict the pressure drop.

15.4.1.2 Residence Time Distribution
As the reactor performance depends strongly on the residence time distribution, its
prediction as function of the operational parameters is important.
For Taylorflow in a single channel, the degree of backmixing in the gas phase is less

than that for homogeneous laminar flow. This is due to the presence of bubbles,
which effectively seal packets of the liquid [47]. Mass transfer from one liquid slug to
another thus takes place by diffusion from the slug to the wall film and subsequently
from the film to another slug.However, if the orientation of capillary is changed from
horizontal to vertical, the stagnant film becomes a falling film for upward flow [48],
especially for square capillaries.

Analytical Model Thulasidas et al. [49] developed an analytical model for dispersion
in a vertical capillary for gas–liquid flow by taking into account the gravity-driven flow
in the film (Figure 15.7) and were able to predict experimental results. Mass transfer
occurs at the surface between the liquidfilm and the vortexmoving along the dividing
streamline. The following assumptions were made:

. The velocity gradient in both the liquid slug and the wall film is negligible (i.e. plug
flow).

. Bubbles and slugs have the same length.

As can be seen from the Figure 15.7, for a coordinate system moving with the
bubble, the liquid film �flowing� at the side of the bubble comes in contact with the
downward moving part of the vortex at the top of the slug. There is no convective
mixing between these two regions while they traverse the length of the slug
exchanging mass by diffusion only. At the bottom of the slug, the liquid film flows
into the space between the capillary and the next bubble, while the vortex turns
around and moves upwards. During the upward movement, the inner section of the
vortex is isolated from the liquid film by the outside section and no appreciable mass

Figure 15.7 Schematic representation of the position of stagnant
zone and dividing streamline. Adapted from Thulasidas et al. [49].
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transfer takes place. After completing one circulation, the vortex again comes into
contact with a liquid film of different concentration and the process is repeated until
the slug leaves the capillary. According to this model, mass transfer processes occur
in cycles, with the characteristic cycle time being that required for the vortex to
complete one recirculation. During the cycle, the vortex exchangesmasswith a liquid
film of approximately twice the vortex length.
At the beginning of a cycle, the concentration of a given tracer chemical inside the

recirculating region and the liquid film region are c10 and c20, respectively. For a
coordinate systemmoving with the bubble, the diffusion frontmoves down from top
to bottom of the liquid slug at a constant velocity along the dividing streamline as
represented by the following unsteady-state diffusion equation:

qc
qt

¼ Dm

r
q
qr

r
qc
qr

� �� �
ð15:47Þ

Initial conditions are as follows:

IC1 : cðt; rÞ ¼ c10�cþ for 0 � r � r1 at t ¼ 0

IC2 : cðt; rÞ ¼ c20�cþ for r1 � r � R at t ¼ 0
ð15:48Þ

The boundary conditions are

BC1 :
qc
qr

¼ 0 at r ¼ 0

BC2 :
qc
qr

¼ 0 at r ¼ Rt

ð15:49Þ

The normalized concentration cþ , defined as an area-weighted average of the
initial concentrations, is given by

cþ ¼ c10r12 þ c20 Rt
2�r12

� �
Rt

2 ð15:50Þ

A general solution of Equation (15.48) is obtained by the separation of variables:

c t; rð Þ ¼ e�l2Dmt aJ0 lrð Þþ bY0 lrð Þ� � ð15:51Þ
where J0 and Y0 are the Bessel functions of the first and second kind of order zero,
respectively. Introducing the boundary conditions, the following equations are
obtained for the tracer concentration in a plane normal to the capillary axis, the
area-averaged concentrations for vortex region and the area-averaged concentration
in the liquid film:

c t; rð Þ ¼ cþ þ
Xn!1

n¼0

2e�ln2Dmtr1 c10�c20ð ÞJ1 lnr1ð ÞJ0 lnrð Þ
J0

2 Zonð ÞZonRt
ð15:52Þ

cavg ¼ cþ þ
Xn!1

n¼0

e�ln
2Dmtr21 
 4 c10�c20ð ÞJ1 lnr1ð Þ J1 lnr1ð Þ� r0=r1ð ÞJ1 lnr0ð Þ� �

J0
2 Zonð ÞZon

2 r12�r02ð Þ
ð15:53Þ
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cavg ¼ cþ þ
Xn!1

n¼0

e�l2nDmtr12 
 4 c10�c20ð ÞJ12 lnr1ð Þ
J0

2 Zonð ÞZon
2 Rt

2�r02
� � ð15:54Þ

where Zon are the zeroes of the Bessel function of the first kind and order one.
The area-averaged concentration of the liquid film is used as the initial condition

(c10) for the following liquid slug and the area-averaged liquid film region concen-
tration is ascertained by integration between the dividing streamline and the capillary
wall. The position of the dividing streamline is given by [50]

r1
Rt

¼ 1� 1:334Ca
2
3

1þ 3:334Ca
2
3

 !
ð15:55Þ

The above equations can be used for square capillaries by mapping the square
geometry into cylindrical coordinates and adjusting the contacting areas using
geometric factors.

Continuum Model Kreutzer [47] used a continuum model to describe the RTD in
Taylor flow by considering two zones (piston exchangemodel): a stagnant liquid film
neglecting gravity and liquid slugs in plug flow (Figure 15.8). In this instance, the
tracer concentrations in the recirculating region and the film region are referred to as
cdyn and cst, respectively. The partial differential equations can be written as

Liquid slug :
qcdyn
qt

¼ �udyn
qcdyn
qz

� kSFa
f

cdyn�cst
� �

Wall film :
qcst
qt

¼ kSFa
1�f

cdyn�cst
� � ð15:56Þ

where f is the fraction of liquid in the dynamic phase and kSFa is the mass transfer
group expressed per unit channel volume. The higher the mass transfer group, the
smaller is the amount of tracer that passes through the channel without exchanging
with film. The last term on the right-hand side of the liquid slug equation and the
right-hand side of wallfilm equation corresponds to themass transfer between liquid
slug and stagnant film. Therefore, the interfacial area, a, corresponds to the area
between film and liquid slug.
At the moment of introduction of tracer into the tube, the tracer concentration in

the film is in equilibrium with the tracer concentration in the slug, hence the initial
condition for RTD experiments is different from that of the reacting mass transfer
experiments. The high Sherwood number for the inlet transition region of the

Figure 15.8 Schematics of gas–liquid (Taylor) flow in an MSR.
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channel is therefore not likely to represent the behavior of tracer experiments. The
mass transfer parameter kSFa is given in terms of Sh by

kSFa ¼ ShDm

dt

4eL
dt

ð15:57Þ
The tracer response E-curve is calculated by numerically integrating Equa-

tion (15.56) and using the concentration–time curve at the inlet. The amount of
tracer that does not exchange with the film shows up in the E-curve as a sharp peak,
where the width of the peak is only determined by the tracer injection curve. The
amount of tracer that is transferred to the film is slowly released to subsequent slugs
and appears in the E-curve as a long tail.

Total Liquid Hold-up Assuming a similar film thickness for bubble and slug and
ignoring the velocity of thefilm, the length fraction of slugs can be equated to theflow
rate fraction by

Ls
Ls þ Lb

� eL ð15:58Þ

where eL is the dynamic hold-up of liquid in the capillary.
Thulasidas et al. [48] proposed a correlation to calculate the total liquid hold-up in

the capillary:

eL ¼ 1�eG

¼ 1�Ab

A
þ Q f

Avb

ð15:59Þ

where Qf is the film flow in the capillary, given by

Q f ¼
prgRt

4

8m
1þ 4

Rb

Rt

� �4 3
4
�ln

Rb

Rt

� �
� Rb

Rt

� ��2
" #( )

ð15:60Þ

15.4.1.3 Mass Transfer and Film Saturation
Different approaches have been used to model the mass transfer performance of
gas–liquid contactors. They comprise twomain parts: themicro-model, describing the
mass transfer between the gas and the liquid phase, and themacro-model, describing
the mixing pattern within the individual gas and liquid phases. The micro-models
assume two types of interfacial behavior: stagnant films and dynamic absorption in
small elements at the contact surface. The most widely used micro-models are the
stagnant filmmodel and the penetration and surface renewal models. In the stagnant
film model, it is postulated that mass transfer proceeds via steady-state molecular
diffusion in a hypothetical stagnant film at the phase interface [51]. In the penetration
model, the uniform residence time of a fluid element at the phase interface is the
characteristic parameter [52], whereas in the surface renewal model, a constant
probability of element replacement is assumed [53]. A combined approach, the
film-penetration model, is also used, yielding a two-parameter model combining the
stagnant film and penetration models [54, 55]. The application of suitable models to
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various systemsmust bedeterminedona case-by-case basis. For dynamic systems, the
penetration model is physically more realistic than the stagnant film model.
For the mass transfer contribution in the Taylor flow regime, the film thickness is

of particular importance and many studies have been concerned with its characteri-
zation (see Chapter 11).
Gas–liquid mass transfer for the absorption of methane in water was studied by

Bercic and Pintar [56] using different capillaries of diameter 1.5, 2.5 and 3.1mm, and
the following correlation for the estimation of the mass transfer coefficient, kLa, was
proposed:

kLa ¼ 0:111 uL þ uGð Þ1:19
1�eGð ÞLUC½ �0:57 ð15:61Þ

where LUC is the unit cell length (i.e. the length of a pair of gas bubble and liquid slug).
As can be seen from the above equation, the mass transfer coefficient can be
considered to be independent of the capillary diameter.
Van Baten and Krishna [57] developed a model for rising Taylor bubble flow in

circular capillaries by considering two contributions to mass transfer: (1) the caps
(assumed to be hemispherical) at either end of the bubble and (2) the liquid film
surrounding the bubble. They put forward the following relationship for the overall
volumetric mass transfer coefficient (see Chapter 11):

kLa ¼ kL;capacap þ kL;filmafilm ð15:62Þ

Their model provided excellent agreement with CFD simulation results for
capillaries with diameters 1.5, 2 and 3mm.
Vandu et al. [58] adopted a simplified approach to take the film contribution into

account:

kLa ¼ C1

ffiffiffiffiffiffiffiffiffiffiffiffiffi
DmuG
LUC

r
1
dt

ð15:63Þ

Aplot of experimental kLa values versus
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
DmuG=LUC

p
=dt shows a straight line for

constant C1¼ 4.5, which is almost the theoretical value from the model for the film
contribution. The agreement between the model and the experiment is reasonably
good for both circular and square capillaries. Thus themodel shows a dependence of
kLa on capillary diameter. Furthermore, Vandu et al. [58] validated the applicability of
the correlation and it was proposed that the relation performs well forffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiðuG þuLÞ=LS
p

> 3, which corresponds to a short film contact time and a dominant
film contribution. Below this range, the film contribution to mass transfer di-
minishes as the liquid in the film begins to approach saturation.
In Taylor flow regimes, the liquid usually exhibits good wettability for the channel

wall, forming a thinwallfilm overwhich the gas bubbles glide. Thewallfilm provides
a lubricating action to the enclosed bubbles, and, as a consequence, bubbles flow at
relatively higher velocity than the liquid. The interfacial gas–liquid area is thus
comprised of two parts: the lateral part (that of the wall film) and the perpendicular
part (between the bubble and the adjacent liquid plug). Often the length of the bubble
is many times greater than the channel diameter, so that the lateral part of the
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interfacial area is many times greater than the perpendicular contribution. The thin
liquid wall film becomes saturated with the absorbed component or exhausted of the
liquid-phase reactant. In such cases, the lateral part of the interfacial area will become
inactive and therefore it is important for the design of an MSR to determine
conditions under which this part of interface remains active.
Pohorecki [59] investigated the effectiveness of the interfacial area for mass

transfer in two-phase flow in an MSR. He developed criteria to avoid saturation of
the liquid wall film in the case of physical absorption or liquid of the film for
absorption with instantaneous chemical reaction:

LbDm

vbdfilm2 	 1 ð15:64Þ

where Dm corresponds to the molecular diffusion coefficient of the reactant in the
liquid phase. The above equation shows that reagent exhaustion in the liquidfilm can
be avoided by decreasing the length of the bubble or by increasing the flow velocity.

15.4.2
Liquid–Liquid Systems

Various types of microstructured reactors/extractors have been developed and
evaluated both in the laboratory and in industrial practice (see Chapter 8). As with
gas–liquid systems, distinctive flow patterns have been observed for liquid–liquid
systems in microchannel reactors. Parallel or stratified flow and slug flow (or plug
flow, segmented flow, liquid train flow) are the two most stable flow patterns found
(Figure 15.9). Slug flow comprises a series of alternating slugs (plugs) of one phase
separated by the other. Themechanismof slugflow formation in terms of viscous and
capillary forces was explained in detail by Tice et al. [60]. Each slug serves as an
individual processing subvolume, which is highly uniform and guarantees well-
defined interfacial area formass transfer processes. A key feature of this type ofMSR
is the ability to manipulate the two transport mechanisms: convection within the
individual slug and interfacial diffusion between adjacent slugs of different phases.
More attention has been paid to slug flow due to following benefits over parallel flow:

. Solute is transferred both by convection within the slugs and by diffusion between
two adjacent slugs, whereas the solute transfer in parallel flow is only diffusive.

Figure 15.9 Stable flow patterns that can be achieved in the liquid–liquid flow capillarymicroreactor.
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. It provides a significantly higher interfacial area than parallel flow in the presence
of a wall film.

. It requires shorter processing times for the same throughput than parallel flow.

. Slug flow is highly stable over a wide operating window.

. In a given MSR length, the interfacial area can be controlled under a slug flow
regime: increases in flow velocity decrease the slug size and thus provide a larger
interfacial area. This variable is not possible for parallelflow. In addition, in the slug
flow regime the increasedflow rates intensify internal circulationswithin the slugs,
which renew the interfacial surfaces with higher frequency, thus enhancing the
diffusive penetration.

Apart from microchannels, dispersed microsystems such as micromixers (see
Chapter 7) are used. They provide the desired performance and allow higher
throughputs by virtue of the larger pipe diameter, but the small size of the droplets
and bubbles require an additional post-reaction phase separation step [61].
In this section, the liquid–liquid slug flow MSR and its main characteristics with

respect to pressure drop, RTD, heat/mass transfer and chemical reaction are presented.

15.4.2.1 Pressure Drop
There are two fundamental differences between gas–liquid and liquid–liquid slug
flow in the MSR:

. In the liquid–liquid slugflow system, due to the close physical properties of the two
fluids, it might be possible that there is no wall film and both fluids flow alternately
through the capillary; this is not observed in gas–liquid systems.

. In the case of a wall film in the horizontal MSR, due to considerable shear of the
discrete liquid phase on the continuous phase, the latter moves with finite velocity
whereas the film in the gas–liquid system is considered stagnant.

The pressure drop in liquid–liquid slug flow comes from twomain contributions:
the hydrodynamic pressure drop of the individual phases and the pressure drop due
to capillary phenomena. However, some studies have revealed that the liquid with
superior wetting properties may form a wall film [62] which modifies the pressure
drop significantly, and therefore two cases, with and without film, are considered for
the theoretical prediction of the pressure drop.
In the casewithout film, if we consider the single flow unit shown in Figure 15.10a,

the overall pressure drop along its length can be written as:

Dptot ¼ Dp1 þDp2 þ pC ð15:65Þ
The single-phase hydrodynamic pressure drop can be calculated using the

Hagen–Poiseuille equation, whereas the capillary pressure is obtained from the
Young–Laplace equation for a cylindrical tube, as follows:

Dp1 ¼
8m1uaLU

r2
; Dp2 ¼

8m2u 1�að ÞLU
r2

; and pC ¼ 2g
r
cos qw ð15:66Þ
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Figure 15.10 Pressure drop along a single slug unit: (a) without film and (b) with film.

where

u ¼ Q1 þQ2

Acs

and Acs is the cross-sectional area of the channel.
Assuming a constant dynamic contact angle and slug lengths with an equal

number of slugs of both phases under similar operating conditions and neglecting
end effects, the overall pressure across a given length of the capillary is the
summation of pressure drops across all slugs and the capillary pressure at all
interfaces.
Themajor influence of thewallfilmbecomes apparentwhen comparedwith single-

phase slugless flow of the continuous phase. Therefore, for theoretical predictions, it
is assumed that the pressure drop along the length of the capillary is due to the film
region only. Amodel for the pressure drop in the pipeline flow of slugs (referred to as
�capsules�) was given by Charles [63], which relates the pressure drop in the slug
region, (Dp/L)film, to that of single-phase flow of the continuous phase, (Dp/L)SP.
According to thismodel, the pressure drop along the length of thefilm canbe givenby
the following equation:

Dp
Lt

� �
film

¼ 1
1�k4

� �
Dp
Lt

� �
SP

; k ¼ Rt�dfilm
Rt

ð15:67Þ

In the abovemodel, it was assumed that slugs follow each other sufficiently closely
that the fluid between them can be considered as part of the slug stream.However, in
the liquid–liquid slug flow for chemical engineering applications, this assumption is
usually not valid andwill only apply when the enclosed slug has a length several times
more than the other slug. The slug which forms the film may, however, be longer
depending on the inlet flow ratio for both phases. It is therefore necessary to consider
the phase fraction of both liquids to calculate the pressure drop for a given length of
the liquid–liquid slug flow MSR. In addition, the film thickness is very small
compared with the radius of the slug, which justifies the assumption that the length
of the film region for a given length of capillary is nothingmore than the correspond-
ing phase fraction times the total length. The pressure drop along thefilm region for a
given MSR length can thus be written as

Dp
Lt

¼ Dp
Lt

� �
film

¼ a
1�k4

	 
 Dp
Lt

� �
SP

ð15:68Þ
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To calculate the pressure drop using the above equation, the film thickness is
crucial. It can be estimated using Bretherton�s relationship [64], as a function of
capillary number, Ca:

dfilm ¼ 1:34RtCa
2=3

¼ 1:34Rt
m2vslug
s2

� �2=3 ð15:69Þ

In the definition of the capillary number, the slug velocity is slightly higher than the
superficial flow velocity. In analogy with the theoretical predictions of Charles [63] for
the pipeline flow of slugs (capsules), the slug flow and average flow velocity can be
related by

vslug ¼ 2
1þk2

� �
u ð15:70Þ

Power input, a decisive parameter for benchmarking technical reactors, has been
investigated using the experimental pressure drop and compared with conventional
contactor as shown in Table 15.5. The comparison reveals that the liquid–liquid slug
flow microreactor requires much less power than the alternatives to provide large
interfacial area – as high as a¼ 5000m2m�3 in a 0.5mm capillary microreactor,
which is way above the values in a mechanically agitated reactor (a �500m2m�3).

15.4.2.2 Residence Time Distribution
As mentioned above, two basic situations can be envisaged in the liquid–liquid slug
flow: slug with film and slug flow without film. In the case of without film, the two
phases flow as distinct segments separated by each other and show ideal plug flow
behavior. However, in the presence of a wall film, the reactor behaves non-ideally and
two zones are formed as in gas–liquidflow.Unlike gas–liquidflow, thefilm alsoflows
with finite velocity due to the considerable shear exerted by the enclosed slug on it.
The behavior of the flow within the reactor can thus be evaluated by using the axial
dispersion model proposed for fluid–solid systems in the above section. The

Table 15.5 Power input requirement for various liquid–liquid contactors [65].

Contactor type Power input (kWm�3 of liquid)

Agitated extraction column 0.5–190
Mixer–settler 150–250
Rotating disk impinging streams contactor 175–250
Impinging streams 280
Impinging stream extractor 35–1500
Centrifugal extractor 850–2600
Liquid–liquid slug flow 0.2–20
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characterization of the dispersion in the reactor should be based on the superficial
velocity of the continuous phase. Thus Equation (15.6) becomes

CðqÞ ¼ 1
2

ffiffiffiffiffiffi
Bo
pq

r
exp

� 1�qð Þ2Bo
4q

" #
ð15:71Þ

where

C ¼ c
c0
; c0 ¼

ninj
VR

; q ¼ t
t
; t ¼ Lt

uL
; Bo ¼ uLLt

Dax

15.4.2.3 Chemical Reaction in Liquid–Liquid Systems
In the chemical industry, a great number of reactions which are strongly exothermic
are carried out on a large scale, which involve two-phase liquid–liquid systems. Thus,
the intensification of heat and mass transfer is an important issue for the reactor
design.
The highly exothermic and fast nitration reactions constitute an important field of

application for microstructured liquid–liquid reactors (see Table 15.6). An example
was given by Dummann et al. [66], who studied the nitration of aromatics in PTFE
capillary reactors. The capillaries used had a diameter of 0.5–1mm and a length
between 1 and 4m.
The reaction scheme is illustrated in Figure 15.11, where A is the organic material

being nitrated and B is the desired mononitrated product, while C and D are
dinitrated and phenolic by-products, respectively. It was shown that the phenolic
product, D, is formed in parallel with the nitration of the aromatics, whereas a
consecutive reaction leads to the dinitrated product, C. From kinetic studies, it is
found that the activation energies of reactions (2) and (3) are higher compared with
the main reaction (1). Therefore, any hot spot in the reactor will diminish the
selectivity of the main product. In addition, the mass transfer between the two liquid
phases must be high to increase the reactor performance and to facilitate the re-
extraction of the mononitrated product into the organic phase and thus to suppress
the consecutive reaction.
By adjusting the reaction conditions such as temperature, capillary length and

mean residence time, the authors successfully suppressed the consecutive reaction
and reduced the parallel formation of phenolic compounds to an acceptable level.
Further examples of liquid–liquid reactions carried out in microstructured reac-

tors are summarized in Table 15.6.
Chemical reactions have also been used as a tool to characterize the mass transfer

in MSR.
As pointed out, commonmodes of interface in the case of liquid–liquid two-phase

flow are �slug flow� and �parallel flow� (Figure 15.9). In the case of slug flow, two
mechanisms are known to be responsible for the mass transfer between the two
liquids: (a) internal circulation [66, 75, 84] takes place within each slug and (b) the
concentration gradients between adjacent slugs lead to the diffusion between the
phases . In the case of the parallel pattern, the flow is laminar and the transfer of
molecules between the two phases is supposed to occur only by diffusion.
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Several workers have used fast chemical reactions to determine the global mass
transfer coefficient (kgl) in microstructured liquid–liquid reactors [75, 76]. The
neutralizations of trichloroacetic acid [76] [Equation (15.72)] and acetic acid [75]
were used as model reactions. The reactions are instantaneous and, therefore, are
controlled by mass transfer.

CCl3COOHor þNaOHaq !CCl3COO
�Naaq þ þH2O ð15:72Þ

Table 15.6 Examples of liquid–liquid reactions studied in MSRs.

Reaction Reactor Reference

Nitration of benzene Stainless-steel and PTFE
capillary MSR

Dummann et al. [66];
Burns and Ramshaw [67, 68]

Nitration of benzene Borosilicate glass microreactor Doku et al. [69]
Nitration of toluene PTFE capillary MSR Burns and Ramshaw [68]
Transesterification –

production
of alkyl esters

PTFE capillary MSR Jachuck [70]

Vitamin precursor
synthesis – production
of b-ionone

Microreaction system with
32 parallel
reaction channels

W€orz and co-workers
[70–72]

Hydrolysis of
p-nitrophenol acetate

PMMA microreactor
and PTFE tubing

Ahmed et al. [73];
Ahmed-Omer [74]

Tandem diazotation/Heck
reaction sequences

PMMA microreactor Ahmed et al. [73]

Titration reaction Soda-lime glass etched
with rectangular
channels

Burns and Ramshaw [75]

Titration reaction PTFE capillary MSR Kashid [65]
Titration reaction Rectangular glass MSR Dessimoz et al. [76]
Nitration of toluene,
nitration of
dialkyl-substituted thioureas

Silicon microreactor
with nine reactor channels

Antes et al. [77]

Villermaux–Dushman –

instantaneous
neutralization and rapid
redox reactions

PDMS MSR Matsuyama et al. [78]

Bromination of styrene Thiolene-based resin
MSR device

Cygan et al. [79]

Extraction and detection
of carbaryl derivative

Two Pyrex glass MSRs Smirnova et al. [80]

Degradation of
p-chlorophenol

Pyrex glass MSR Maruyama et al. [81]

Kinetics of ribonuclease
A (RNase A)

PDMS MSR Song and Ismagilov [82]

Hydrolysis of p-nitrophenyl
acetate

PTFE MSR Ahmed-Omer [74]

Phase-transfer alkylation
of b-keto esters

Microchip connected
to a Teflon tube

Ueno et al. [83]
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In Table 15.7, the experimentally obtained global volumetric mass transfer
coefficients are summarized and compared with gas–liquid systems and conven-
tional liquid–liquid contactors. It should be mentioned that the flow regime in
capillary reactors is very sensitive to the physical properties of the two liquids. The
formation of slug and parallel flow is controlled by the competition between viscous
forces and interfacial tension. As the physical properties can change during the
extraction and reaction in the capillary, the flow pattern may also change and, as a
consequence, modify the mass transfer processes.
For slug flow, the volumetric mass transfer coefficient increases with the superfi-

cial velocity. Neglecting the contribution of the wall film to the mass transfer, the
specific area of a slug is given by

a ffi 2dt
2

dt
2Ls

¼ 2
Ls

ð15:73Þ

Therefore, the volumetric mass transfer coefficient is supposed to be inversely
proportional to the slug length in the capillary. This was confirmed experimentally by
Burns and Ramshaw [75] and Kashid [65], who found the following relationship:

kgla � 0:3 u0:2�0:94Ls ð15:74Þ

15.5
Three-phase Reactions

15.5.1
Gas–Liquid–Solid

Most of the reported microstructured gas–liquid–solid reactors concern catalytic
hydrogenation (Table 15.8). This is because hydrogenation reactions represent
about 20% of all the reaction steps in a typical fine chemical synthesis. Catalytic

Figure 15.11 Nitration of single-ring aromatics.
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hydrogenations are fast and highly exothermic reactions. Consequently, reactor
performance and product selectivity are strongly influenced by mass transfer and
heat evacuation is an important issue. Both problems may be overcome using
microstructured devices.
Different types of gas–liquid–solid MSRs have been developed, using different

gas–liquid contacting principles (see Chapter 8) [85]. These principles can be
classified as follows:

. Continuous-phase contacting, where the fluid phases are separated. Examples are
microstructured falling film and mesh reactors.

. Dispersed-phase contacting, obtained when one of the fluid phases is dispersed
into the other phase.

Regular flow patterns are provided by the segmented flow in a single capillary or in
multi-channel microreactors. Miniaturized packed-bed microreactors follow the
paths of classical engineering by enabling trickle-bed or packed bubble column
operation.Most of themicrostructuredmultiphase reactors are at the research stage.
Due to the small reaction volumes they will find their application mainly in small-
scale production in the fine chemical and pharmaceutical industries.

15.5.1.1 Continuous-phase Microstructured Reactors
In falling film contactors, a thinfilm is created by a liquid falling under gravity pull. The
liquid flows over a solid support, which is normally a thin wall or stack of pipes. In
conventional falling film devices, a film with a thickness of 0.5–3mm is generat-
ed [85]. This rather thick liquid film results in an important mass transfer resistance
for the gaseous reactant diffusing to the solid catalyst on the reactor wall. In addition,
the film flow becomes unstable at high throughput and the film may break up into
rivulets, fingers or a series of droplets. Thementioned problems can be overcome by
microstructuring the solid wall [30, 91]. The microstructured falling film reactor
consists of microchannels, which are typically 300mm wide, 100mm deep and
�80mm long. The channels are separated by 100mm wide walls.

Table 15.8 Examples of gas–liquid–liquid reactions studied in MSRs.

Reaction Reactor Reference

Hydrogenation
of cyclohexene

Micropacked bed reactor
and microchannel with
staggered arrays columns

Losey and co-workers [86, 87]

Hydrogenation
of nitrobenzene

Falling film MSR Yeong et al. [88]

Hydrogenation
of p-nitrotoluene

MSR made of stack
of aluminum wafers

F€odisch et al. [89]

Hydrogenation
of a-methylstyrene

Micropacked bed reactor Losey et al. [90]

Hydrogenation
of a-methylstyrene

Microstructured mesh contactor Abdallah et al. [37]
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Yeong et al. [88, 92] used a microstructured film reactor for the hydrogenation of
nitrobenzene to aniline in ethanol at 60 �C, 0.1–0.4MPa hydrogen pressure and a
residence time of 9–17 s. Palladium catalyst was deposited as films or particles on the
microstructured plate. Confocal microscopy was used to measure the liquid film
thickness. With increasing flow rate between 0.5 and 1.0 cm3min�1, thicker liquid
films between 67 and 92mmwere observed. The kLa of this system was estimated to
be 3–8 s�1 with an interfacial surface area per reaction volume of 9000–15 000m2

m�3. Conversion was found to be affected by both liquid flow rate and hydrogen
pressure and the reactor operated between the kinetic- and mass transfer-controlled
regimes.
The main drawback of the microstructured falling film reactor is the residence

time of the liquid in the channels, which is in the range of 5–20 s, depending on
the physical properties of the liquid and the operating conditions. The residence time
can be increased by prolonging the channels or by decreasing the angle of descent,
which can be achieved with a helicoidal microchannel falling film reactor. For a
microchannel with a small angle descent of 7.5� the residence time could be
increased by a factor of �50 [93].
In a mesh microcontactor, the gas and liquid flow through separate channels. To

provide stable operation, the fluid interface is immobilized by well-defined open-
ings obtained with a thin mesh [94]. Interfacial forces help to stabilize the fluid
interface within the openings, while fluid layers are thin enough to enhance mass
transfer.
The meniscus shape at the interface between the two phases defines the available

area for mass transfer and is a function of contact angle, pore geometry and pressure
difference between phases. The open area of the micromesh contactor is about
20–25%, which leads to a gas–liquid interfacial area of 2000m2m�3, well above the
values obtained in traditional stirred tank reactors. This high gas–liquid interfacial
area combined with the small fluid layer thickness resulted in high mass transfer
coefficients. Abdallah and co-workers [37, 95] estimated the volumetricmass transfer
coefficients, kLaL, during the very fast hydrogenation ofa-methylstyrene over a Pd/g-
alumina catalyst. The global gas–liquid–solid volumetric mass transfer coefficient,
kLa, measured experimentally was in the range 0.8–1.6 s�1. These values are well
above those predicted by the film model and those obtained from a CFD (3Dmodel)
simulation.

15.5.1.2 Dispersed-phase Microstructured Reactors
In segmented flow gas–liquid–solid reactors, the liquid usually flows over the solid
surface while the gas flows through the liquid in the form of bubbles or annular flow,
depending on the MSR geometry and the catalyst arrangement.
The hydrodynamic characteristics of three-phase reactors, such as pressure drop

and residence time distribution, can be determined from those for fluid–solid and
fluid–fluid reactors. The difference between the gas–liquid and gas–liquid–solid
systems is that due to the reaction at the surface of the catalyst, there is always a
concentration gradient in the liquid phase in the latter case. Unlike in gas–liquid
reactions, it is always important to saturate the liquid film with the gaseous
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component. To ensure constant saturation, the following criterion has to be
satisfied:

LbDm

vbd2
� 1 ð15:75Þ

The global transformation rate of a gas–liquid reaction catalyst by a solid catalyst is
influenced by the mass transfer between the gas–liquid and the liquid–solid mass
transfer. Mass transfer and surface reaction are in series and, for fast chemical
reactions, mass transfer will influence the reactant concentration on the catalytic
surface and, as a consequence, influence the reactor performance and the product
selectivity. For the gaseous reactant threemass transfer steps canbe identified [96]: (1)
the transfer from the bubble through the liquid film to the catalyst (kGSaGS), (2) the
transfer from the caps of the gas bubbles to the liquid slug (kGSaGS) and (3) the
transfer of dissolved gas to the catalytic surface (kLSaLS) . Steps 2 and 3 are in series
and in parallel with respect to step 1, respectively. The following expression describes
the overall mass transfer (kova):

kova ¼ kGSaGS þ 1
kGLaGL

þ 1
kLSaLS

� ��1

ð15:76Þ

Different attempts were made to determine the mass transfer coefficient sepa-
rately in non-reactive systems. However, the concentration profiles in the liquid
surface film and in the slugs are strongly affected by fast chemical reactions and the
results must be interpreted with caution.
As hydrogenations are fast and highly exothermic reactions, the heat of reaction

must be effectively evacuated to ensure isothermal operation and to avoid reaction
runaway. An efficient device for this purpose was proposed by Hessel et al. [2]. The
authors arranged the microchannels in parallel in between cooling channels as
shown in Figure 15.12. Each channel worked under segmented flow conditions. The
main problem to overcome is the uniform distribution of both gas and liquid flow
over the microchannels to ensure identical flow behavior and residence time.

Figure 15.12 Microbubble column with integrated cooling channels [2].
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Many reported microreactors used for gas–liquid–solid reactions are micropacked
beds. An advantage of microstructured packed beds for hydrogenation processes
stems from the fact that active and selective catalysts are commercially available. In
addition, the particle size of these catalysts used in suspension reactors is in the
micrometer range and fits well for use in microchannels. However, proper design of
the reactor is required tomaintain an acceptable pressure drop. To avoid an excessive
pressure drop, Losey et al. [87] constructed a microchemical system consisting of a
microfluidic distribution manifold and a microchannel array. Multiple reagent
streams (specifically, gas and liquid streams) were mixed on-chip and the fluid
streams were brought into contact by a series of interleaved, high aspect ratio inlet
channels. These inlet channels deliver the reactants continuously and cocurrently to
10 reactor chambers containing standard catalytic particles with diameters in the
range 50–75mm. Flow regimes in the microreactor were characterized visually for
different flow rates and gas-to-liquid flow ratios. For low liquid and gas velocities,
bubbles were formed at the entrance and were carried by the liquid through the
packed bed. Under these conditions, the hydrogenation of cyclohexene was studied
and used as a model reaction to measure the mass transfer resistances. Overall mass
transfer coefficients (kova) were measured to range from 5 to 15 s�1, which is nearly
two orders of magnitude larger than values reported in the literature for standard
laboratory-scale reactors.
Increasing flow velocities in themicroreactor lead to pulsations and the formation

of segmented flow. The different flow patterns observed in microstructured packed
bedswere studied in detail by vanHerk et al. [98]. They confirmed the segregatedflow
pattern at high gas fractions.
More recently, the catalytic hydrogenation of o-nitroanisole in a microstructured

packed bed reactor was studied by Tadepalli et al. [99]. The reactor had an inner
diameter of 0.775mm and was filled with Pd/zeolite catalyst with particle diameters
in the range 45–75 and 75–150mm. The length of the catalytic bed could be varied
between 60 and 80mm. It was stated that segmented gas–liquid flow was observed,
but, further hydrodynamic studies are missing.
To increase mass transfer in solid catalyzed gas–liquid hydrogenations, the

reactions are often operated at high pressures. Silicon/glass microreactors present
a possibility to handle high-pressures safely and provide optical access into the
reaction channel for flow investigations. Trachsel et al. [100] reported an Si/glass
microreactor with soldered microfluidic connections for high-pressure and high-
temperature applications. Mechanical testing of the device by tensile and pressure
tests showed no failure for continuous operation at 14MPa and 80 �C. The micro-
reactor design was applied to the well-described solid catalyzed exothermic hydro-
genation of cyclohexene at operating conditions up to 5.1MPa and 71 �C.

15.5.2
Gas–Liquid–Liquid Systems

Gas–liquid–liquid reactions have several applications, such as hydroformylation,
carbonylation, hydrogenation, oligomerization, polymerization, hydrometallurgical
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processes, biochemical processes and fine chemical manufacture. Developments in
homogeneous catalysis have made these reaction systems increasingly attractive in
recent years. Gas–liquid–liquid systems are encountered in reaction systems that
comprise three phases of two (or more) immiscible reactants, reaction products or
catalyst [101]. In some cases, the three reactants are supplied from three different
phases (e.g. Koch reaction). It is also possible to intensify the mass transfer in a
liquid–liquid system; additional gas phase may be added to enhance mixing and
augment the interfacial area.
The flow patterns of gas–liquid–liquid flow in the MSR depend on the volume

fraction of each phasewithin the reactor. At lowgas volume fractions, the gas remains
in one of the liquids while both liquids flow in the form of slugs. If the reaction is
mass transfer limited, the overall reaction rate is strongly dependent on the interfacial
liquid–liquid mass transfer. By reducing the capillary diameter, the specific interfa-
cial area increases and leads to an intensified process.
Önal et al. [102] carried out the selective hydrogenation of a,b-unsaturated

aldehydes in aqueous solution using a PTFE capillary of diameter 500–1000mm.
The gas–liquid–liquid flow observed in the reactor is depicted in Figure 15.13. This
shows the alternate flow of two liquid phases with the organic forming awall film due
to its affinity towards the capillarymaterial and hydrogen in the formof small bubbles
in the organic phase. The reaction rate showed a significant effect of global reaction
rates with a three-fold increase on reducing the channel diameter from 1000 to
500mm.

15.6
Conclusion

In this chapter, the various characteristics of multiphase MSRs are presented. It is
clear that MSRs are most suitable for reactions which have fast intrinsic kinetics and
require rapid transport, high temperatures and inherent safety. Effective exploitation
of the full chemical potential of catalysts through high rates of heat andmass transfer
provides an excellent means for identifying novel synthesis routes which are both
economically attractive and environmentally benign.
The time available for chemical transformation in the microreactors is very short

due to their small size, which results in low hold-ups on the one hand, but
necessitates highly efficient mass/heat transfer on the other. The amount of power

Figure 15.13 Schematics of gas–liquid–liquid flow patterns
observed in the selective hydrogenation of a,b-unsaturated
aldehydes. Adapted from Önal et al. [102].
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dissipation for multiphase reactions per unit interfacial area is very low in MSRs,
leading to significant reductions in the energy consumption as a further environ-
mental benefit. Thewell-definedflowpatterns influid–fluid and three-phase reactors
mean that the reactions can be controlled precisely, which eliminates stochastic
effects and permits not only highmass and heat transfer rates but also precise control
of residence time and RTD to produce chemicals with higher specifications.
Nevertheless, there are several constraints that hamper theuse ofmicroreactors for

multiphase reactions. In the catalyticMSR, the performance is very adversely affected
by catalyst deactivation. Effective in situ catalyst regeneration therefore becomes
necessary, since the simple catalyst change practiced in conventional reactors is
usually no longer an option. The thickness of the microreactor catalytic wall is often
greater than the internal diameter of the channel and, therefore, may impede heat
transfer for highly exothermic reactions, leading to non-isothermal behavior. Reac-
tions involving highly viscous materials or suspended particles are difficult to carry
out in the microreactor. Moreover, the reliable modeling of such systems at the
microscale is still poorly developed. Last, but very important, reliable numbering up
needs to be resolved. If one fails to achieve a uniform distribution over parallel
microstructured elements, many of the advantages of MSRs are forfeited. Advanced
CFD techniques have had only limited success in providing a solution to this
fundamental question related to the large-scale application of MSRs.

List of Symbols

A Cross-sectional area m2

a Specific interfacial area m2m�3

Ab Cross-sectional area of bubble m2

Bo Bodenstein number –

c, ci,cib,cis Concentration, concentration
of compound i, concentration
of compound i in bulk, con-
centration of compound i on
catalyst surface

molm�3

c0 Initial concentration molm�3

cdyn, cst Concentration of tracer in
dynamic and static liquid
region

molm�3

cs Reactant concentration on the
outer catalyst surface

molm�3

C(q) Reference tracer concentration –

dt, dh Diameter of the channel (tube),
hydraulic diameter

m

Dm Molecular diffusion coefficient m2 s�1

Deff Effective diffusion coefficient m2 s�1

dp Diameter of particle m
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Dax Axial dispersion coefficient m2 s�1

E Activation energy Jmol�1

f, fE Friction factor, two-phase
friction factor

–

g Gravitational acceleration ms�2

H Height of rectangular channel m
h Heat transfer coefficient Wm�2K�1

Jji Molar flux of jth component in
ith phase

molm�2s�1

ks Intrinsic rate constant, surface
reaction

s�1

kr Intrinsic rate constant Variable
kG, kL Mass transfer coefficient

(gas, liquid phase)
m s�1

kGa, kLa Volumetric mass transfer coef-
ficient of gas frombulk liquid to
catalyst surface

s�1

kgl Globalmass transfer coefficient m s�1

kL,cap, kL,film Coefficient of mass transfer for
a solute transferring through
hemispherical cap and film,
respectively

m s�1

L, Lt Length, channel length m
Le Length of entrance zone m
Lbed Length of bed m
Ls, Lb Length of the slug (liquid),

length of bubble
m

LUC Length of a unit cell (a pair of
gas and liquid slugs in gas–
liquid flow and two liquid slugs
in liquid–liquid flow)

m

N Number of parallel channels –

n Order of reaction –

ninj Number of moles injected mol
pc Capillary pressure Pa
Pe Peclet number –

Q Qi Volumetric flow rate, volumet-
ric flow through ith channel

m3 s�1

R Gas constant Jmol�1 K�1

Re Reynolds number –

Rt Radius of tube/microreactor m
Rb Radius of bubble m
s Slip –

Sh, Sc Sherwood number, Schmidt
number

–
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r0, r1 Radial position of vortex center
and dividing streamline

m

reff Observed effective reaction rate molm�3 s�1

rs Reaction rate at catalyst surface molm�2 s�1

Ts Temperature at catalyst surface K
t Time s
u, uG, uL, ue, udyn Superficial velocity, of gas, of

liquid, gravity equivalent
velocity, velocity of recirculating
region

ms�1

vb, vslug Velocity of bubble, of slug m s�1

VR, Vi Volume of reactor, volume of ith

channel
m3

W Width of rectangular channel m
X Conversion –

z Cartesian coordinate m
DHR Reaction enthalpy J
Dp, Dpf Pressure drop, frictional pres-

sure drop
Pa

DpU, DpH Pressure drop over slug unit
(a pair of two liquid slugs) and
hydrodynamics pressure drop

Pa

Dptot, Dp1, Dp2 Total pressure drop, pressure
drop due to phase 1, due to
phase 2 respectively

Pa

(Dpf/Dz)G, (Dpf/D
z)L

Frictional pressure gradient,
gas and liquid

Pam�1

(Dpf/Dz)2p Two-phase pressure gradient Pam�1

(Dp/Lt)film Pressure gradient due to film
region

Pam�1

(Dp/Lt)SP Pressure gradient of single
phase flow flowing through
same microreactor of film flow

Pam�1

f Fraction of liquid in the dy-
namic phase

–

F2
G, F

2
L Friction multipliers –

a Volume fraction of liquid phase
which flows in the form of en-
closed slug (discrete phase)

–

g Interfacial tension Nm�1

z, c Geometric factors –

dfilm Film thickness m
dcat Thickness of porous catalytic

layer
m

hex External effectiveness factor –
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q Dimensionless time (¼ t/t) –

qw Three-phase contact angle �

l Eigenvalues of the infinite
series solution

–

leff Thermal conductivity of the
porous catalyst

Wm�1 K�1

e Porosity of bed –

eG, eL Gas, liquid –

m Dynamic viscosity kgm�1 s�1

r Density kgm�3

sd Standard deviation –

t Residence time, space time s
Y Lockhart–Martinelli parameter –
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